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SUMMARY  

This project boards the energy optimization of the propylene/propane distillation, 
with a cost-benefit basis. The work placement was at LyondellBasell’s Novolen plant, 
to optimize the propylene recovery section of the Polypropylene II (PPII) production 
line. 

The project first phase was to collect and study the basic design engineering. The 
design criteria and the operating conditions of the section equipment were obtained. 
The feed composed of lighter and heavier hydrocarbons than the propane/propylene 
system led to the design of a column of 100 plates divided into two shorter columns 
(49+51). A 7-plate column is included in the reflux drum for venting non-condensable 
gases and to condensate the remaining propylene in the vapour phase, increasing thus 
the mass recovery. The distillate is sent back to the reactor. In the design, 1950kg/h of 

carrier gas composed by 89.64%w/w of propylene and 5.00%w/w of propane are fed 
in the column to obtain 1751kg/h of product with a 97,13%w/w of propylene and 
2.73%w/w of propane, operating at a reflux ratio of 7. A study of the state of the art of 
distillation optimization for the system under study was also carried out. 

In the next phase, a theoretical model was built. This simplified the study of the 
system behaviour to determine optimal operating conditions. The modelling was 
carried out in Aspen HYSYS® for It great performance to simulate distillation columns. 
A base model was created, and its performance was analysed by predicting the design 
specifications. The influence of the type of components included in the feeding 
modelling was evaluated, as well as the fluid package that generated the best fit 
model/design. The best feed stream alternative was the one excluding heavy 
hydrocarbons. Peng Robinson was the fluid package that provided the best data fit. 
This was evaluated with an index based on the mean square relative error comparing 
model design and predictions. This index value of 0.0602 indicates an average relative 
error of 6.02%. 

In the phase three the distillation current operating conditions were obtained. Some 
historical data was obtained from the Distributed Control System (DCS) and local 
measurement instruments. The most relevant streams composition was determined 
through chromatography analysis on extracted samples. Other intermediate variables 
were established with empirical industrial scale tests using the installed 
instrumentation. To conclude, the equilibrium of the liquid feed is simulated to estimate 
the compositions feed’s vapour phase, thus being completely defined: 3830kg/h 
containing a propylene and propane mass fraction of 94.82 and 4.81%w/w respectively 
was fed to the column. Operating at a reflux ratio of 1,4, 3800kg/h of product is obtained 
with 96.11 and 3.80%w/w of propylene and propane content. 

With the data of the real process, the model was calibrated and optimized using the 
Aspen HYSYS® Optimizer module introducing the actual feed stream data. Operating 
at an optimal reflux ratio of 4.59, 3783 kg/h of distillate is produced with 97.28%w/w 
propylene and 2.70%w/w propane. This operation requires 249m3/h of cooling water, 
2462kg/h of low-pressure steam and 1354kg/h of propylene for refrigeration. The 
utilities maximum supply capacity was analysed, and the utilities flow rates needed for 
optimal operation can easily be provided nowadays.
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1. INTRODUCTION  

Global energy crisis has a major impact in every activity carried out these days. In 
the industry, this introduces limitations to grow and be competitive in each market. 
Therefore, despite the type of industry, key challenges are faced to ensure and 
guarantee future supply of energy.  

Plastics industry besides develops solutions to tackle the waste environment impact 
also face the challenge that the energy crisis puts on the table. In this context, many 
attempts are taking place to reduce energy consumption, improve processes efficiency 
or develop new emerging technologies. 

1.1. Global Energy Crisis 

Over the years, humankind history is characterized by improvement. Humans were 
always seeking to transcend the limits of the possible by developing new materials and 
technologies to improve quality of life. Civilization progress brought positive 
improvements in our lives like new goods and services. At the same time this created 
important issues and challenges to address related with this comfort. The explosive 
consumption of available natural resources and the environmental impact is one of the 
major concerns linked to the progress. 

Our modern life is designed to highly depend on energy. In fact, coming from 
different sources along the years human being has always needed it. Unfortunately, 
population growth, industrialization, and urbanization (among other factors) linked to 
increasing consumption of traditional non-renewable energy sources are causing 
climate change. 

In the last decades, several strategies to reduce climate change were proposed. 
These are based in developing and introduce new technologies, increase the efficiency 
in the use of energy and encourage the industry to create environmental-friendly 
substitute process.  

One important recent regulation in this direction is the CO2 tax implemented by the 
European Union. This is intended to limit the consumption while reducing the demand 
for fossil fuels to finally decrease their output of greenhouse gases and carbon dioxide. 
This tax has a direct impact in the operating cost. Therefore, optimize the energy 
consumption is a first step to achieve a minimum operating cost while a transition (if 
it’s possible) from a traditional process to a more sustainable alternative is 
accomplished. 

1.2. Propylene and Polypropylene (PP) 

Propylene is one of the most important petrochemicals produced globally today. In 

2015, the annual production capacity was estimated around 114 million tons (Chang 
Chu, 2017), taking the second position behind ethylene among organic chemicals. 
However, the global demand for propylene has been projected to grow at a rate of 5% 
annually, faster than that of ethylene (Chang Chu, 2017). 

As a raw material, propylene has maintained a remarkable growth in the worldwide 
market. This is mainly linked to the raising demand for polypropylene taking more than 
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two-thirds of all the produced propylene around the globe. Quality requirements for this 
purpose is a polymer-grade propylene with a purity higher of 99.5% by weight. 

Polypropylene is a promising substitute for polyethylene due to its similar 
mechanical characteristics and low density. A wide catalogue of products is possible 
using several novel catalysts and manufacturing methods where Ziegler-Natta catalyst 
types continue to lead the market. 

Plastic industry dates from 1900’s but it wasn’t after 1950’s that the cost of 
manufacturing decreased to levels low enough to trigger the mass production. Plastic 
products are strongly present in our daily life reaching vast quantities of products 
manufactured. However, this also generates equivalent amounts of waste that if it’s 
not properly managed can lead to environmental pollution. Despite this, plastic demand 
remains as a very important commodity that is projected to keep growing in the future. 

In term of companies leading the market, some of the key players within the plastics 

industry include ExxonMobil, Sinopec, and LyondellBasell (statista.com). 

1.3. Novolen® Manufacturing process 

Tarragona East Site produce polypropylene using the Novolen® Process developed 
by Lummus Technology. Characterized by an exothermic chemical reaction, it is a gas-
phase reaction based on Ziegler-Natta and metallocene catalysts in continuous stirred 
tank reactors. 

The overall process can be reduced into several sections: 

✓ Raw material purification and feeding 

✓ Reaction 

✓ Intermediate product packaging 

✓ Extrusion 

✓ Raw material recovery and refeeding 

Inside the reactor the polymer produced is a powder mixed with the non-reacted gas 
phase. Next, to separate solid and gas (called Carrier gas) phases the reactor 
discharge is sent to a cyclone at atmospheric pressure. Any unreacted monomer is 
compressed and either recycled or returned to the upstream olefins’ unit for recovery. 
The final degassing of the polymer is done in a purge vessel by flushing with nitrogen. 
The purged off gas is sent to a recovery system. Finally, the powder is converted into 
pellets that incorporate a range of well-dispersed additives. 

This project focus on the recovery section defined in the Figure 1.1. Distillation is 
fed by the reactor outlet stream to separate the non-reacted propylene from other 
gaseous components to send it back as a recycle stream to the raw material 

purification and feeding section. The propylene recovery is performed by a C-3 Splitter 
(distillation column), divided into two smaller columns, with a fully automated operation. 
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Figure 1.1. Carrier Gas Distillation flowsheet 

1.4. Distillation 

1.4.1. Fundamentals 

Distillation is one of the most widely used separation process in the chemical 
industry (Choudari A, 2012). A vapour phase in contact with a liquid phase where 
simultaneously, mass is transferred from the liquid to the vapour by evaporation and 
from the vapor to the liquid by condensation. This produces a redistribution of 
components between both phases based on relative volatility. In general, liquid and 
vapor contain the same components although in different amounts. The liquid is at its 
bubble point temperature in equilibrium with vapor at its dew point. The overall effect 
is a concentration increase in the more volatile components in the vapor phase leaving 
by top and the less volatile in the liquid in bottoms. As evaporation and condensation 
involve each components latent heats of vaporization, distillation is a unit operation 
that requires large amounts of energy. 

Distillation is widely used to separate liquid mixtures into almost pure components. 
High pressure can be used to decrease the volume and/or increase the temperature 
to facilitate condensation; in other cases, it will be necessary to decrease the pressure 
to set the boiling point below the thermal decomposition temperature. 

To bring the two phases into contact the distillation can be carried out in either trays 
or a packed bed column. In general, tray alternative is most frequent where each tray 
represents an equilibrium stage. In real life the equilibrium is not reached, and this is 
the reason why efficiency concept is introduced. Tray diameter depends first on the 
volume of the gas phase that rises through the tower. It is undesirable to have a high 
velocity of the gas through the plates due to a higher pressure drop for this phase. 
Higher pressure drop may require a longer distance between the plates to generate 
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the needed hydraulic head to produce the downward flow of the liquid from plate to 
plate. 

The feed must be introduced in the column in a specific tray. The best location for 
this stream input is the stage where the inner flowing phases has similar composition 
and properties to the feed. This will avoid diluting the feed or the inner streams reducing 
the mass transfer in that tray. In general, no identical stream is found when analysing 
the streams flowing between stages. Therefore, the stream with composition and 
properties most similar to the feed is where this stream is added. 

Feed location divides the column into two sections. Top of the column (vapour 
outlet) is called the enrichment or rectification section because the vapor phase is 
enriched in the more volatile component. Bottoms (liquid outlet) is known as the 
stripping section because the most volatile component is stripped out from liquid 
phase. 

1.4.2. Design and operation variables 

Distillation is a complex unit operation and as such there are many important 
variables associated with its operation. Among all these, for a feed with a certain 
composition and flow rate, at a fixed pressure, there are four that must be considered 
when designing and operating distillation columns. 

A high purity of the product is required for no additional purification operations. 
Furthermore, when obtaining products for sale the price increases for higher purity. 

According to general heuristics the cost of raw material represents around the 30% 
of the total cost of a process. Therefore, it is required that the recovery percentage in 

the product stream must be as high as possible. 

In terms of capital cost, the greater the number of stages required the greater the 
investment needed in the separation system. At the same time considering the mass 
transfer, the higher the equilibrium stages the higher the purity of the distilled product. 

Considering the operating cost and given the high amounts of energy associated 
with the column operation it is required that the separation process is performed with 
the lowest possible energy consumption. 

Last, and one of the most important design variables is the reflux ratio (R). Defined 
as the portion of condensed fluid at the top of the column that returns to the column 
improving enrichment and stripping of the feed stream. Boundaries of this variable are 
two: minimum and total reflux. The minimum reflux is that value at which the number 
of stages required to perform a given separation is infinite. Total Reflux is obtained 
when top and bottoms products are not removed from the column (infinite reflux ratio) 
and no feed is introduced in the column. For these operating conditions the number of 
theoretical plates required is a minimum. If the reflux ratio is reduced (by taking off 

product), the number of plates required increases. 

These last two definitions of minimum reflux and minimum number of stages at full 
reflux are useful to estimate how difficult a separation could be, for setting the operating 
reflux ratio, and for analysing column performance. 
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1.4.3. Efficiency 

The number of theoretical plates depends on the complexity of the separation to 
perform and is only determined by mass and energy balances and equilibrium 
considerations. In a real column, the phases leaving a stage are not in equilibrium, 
mainly due to insufficient contact time or inadequate dispersion of both phases. The 
composition change for each phase in a real stage is usually less than that possible in 
an equilibrium stage. 

The operation of a real stage depends on many physical variables. The stage must 
bring two phases into intimate contact and then separate them. Likewise, for a more 
intimate and longer contact of phases the outlet streams will be closer to the equilibrium 
assumption. Among the variables involved are the interfacial area between the phases, 
the transfer rate (per unit area) of the components between the phases, and the 
residence time of the phases within the stage. 

The efficiency of the stage or plate and therefore the number of actual plates is 
determined by the system (composition and properties), mechanical design and 
geometry (plate type and dimensions) and the operating and flow conditions (rates of 
throughput). To relate the number of equilibrium (theoretical) stages calculated in the 
design phase and the number of actual stages to build, the stage efficiency is defined. 
There are several efficiencies to express the impossibility of reaching equilibrium in a 
real stage, but the most used from a practical point of view is the Global Efficiency (E). 

 
Figure 1.2. Phases contact. Single stage. (Foust, 2006) 

 
Figure 1.3. Operation line for a single stage. (a) Equilibrium 
stage. (b) Real stage. (Foust, 2006) 
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The Global Efficiency consider the whole column (Equation (1.1). Instead, 
Murphee’s Efficiency (point and tray) considers a specific stage. Both can be defined 
referring to the liquid phase or the vapor phase (Equations (1.2 and (1.3). 

1.4.4. Optimal reflux rate 

The optimal reflux ratio is defined by an operation at a minimum total cost. As 
mentioned previously, for the minimum reflux ratio the column requires an infinite 
number of stages or trays; consequently, capital cost is infinite but the operating costs 
(reboiler and condenser duty, and reflux pump power) are minimal. Increasing R, the 
number of trays decreases rapidly, but the column diameter increases due to the higher 
mass of liquid and vapor phases flowing through the column. The condenser, reflux 
pump, and reboiler must also be larger. Therefore, the fixed costs decrease to a 
minimum and grow again to infinity in the case of operating at full reflux. Here, the 
heating and cooling requirements increase almost directly with the reflux ratio, as 
shown. Therefore, the total cost, which is the sum of operating cost and fixed cost, 
must reach a minimum in the optimal reflux ratio. Often, but not always, this will happen 
at a reflux ratio close to the minimum value of between 1.2 to 1.5 times the minimum 
reflux ratio. 

 

Figure 1.4. Optimal reflux rate in a distillation column 

 

𝐸0 =
𝑇ℎ𝑒𝑜𝑟𝑒𝑡𝑖𝑐𝑎𝑙 𝑠𝑡𝑎𝑔𝑒𝑠

𝑅𝑒𝑎𝑙 𝑠𝑡𝑎𝑔𝑒𝑠
=
𝑁𝑇
𝑁𝑅

 (1.1) 

𝐸𝑀𝑉𝑇 =
𝑦𝑛 − 𝑦𝑛+1
𝑦𝑛∗ − 𝑦𝑛+1

 

 
(1.2) 

𝐸𝑀𝑉𝑃 =
𝑦 − 𝑦𝑛+1
𝑦∗ − 𝑦𝑛+1
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1.4.5. Advanced technologies 

To reduce the specific energy consumption several technologies were developed 
redesigning the traditional arrangement for distillation process. Among several 
techniques vapor recompression is a widely spread technology to reduce the 
consumption of energy and can also be found these days in others unit operations 
(e.g., evaporators) (Kiss et al, 2013). Some of these technologies are: 

✓ Heat pump (HP) systems can be used to upgrade the low-quality energy in the 

condenser to drive the reboiler of the column.  

✓ The vapour compression (VC), thermal and mechanical vapor 

recompression (TVR and MVR) technologies are used to upgrade the heat by 

compressing the vapor distillate or a working fluid. 

✓ Compression–resorption heat pumps (CRHPs) and absorption heat pumps 

(AHPs) increase the energy efficiency by means of absorption equilibrium. 

✓ Due to the higher temperature lifts, the thermo-acoustic heat pump (TAHP) has 

a broader applicability range. 

✓ The internally heat integrated distillation column (HIDiC) enhances both the 

heat and mass transfer, especially when structured packing is used also for 

exchanging heat. 

✓ Each and every energy efficient distillation technology yields its maximum 

savings only at given specific conditions. 
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2. SCOPE OF THE PROJECT AND SPECIFIC OBJECTIVES 

Distillation is one of the most extensively used operations in chemical processes 
industries with a highly energy consumption associated (Choudhari et al, 2012). The 
low efficiency makes the distillation process a very energy consuming technology 
which is responsible for 3% of the world’s energy consumption and 10% of industrial 
energy consumption (Kazemi et al, 2016), and can generate more than the 50% of the 
plant operating cost (Kiss et al, 2013). 

In the current international scenario of energy crisis during the last years the need 
to improve the energy consumption has become an important issue. For the case of 
unit operations as distillation will help not only reduce operating costs but also 
redistribute the limited amount of energy available. 

This project intends to improve the energy consumption in the distillation process 

(C3-Splitter) in the Polypropylene II (PPII) manufacturing line on a cost-benefit basis. 
Therefore, the Master’s Final Project was focused to fulfil the following main objectives: 

✓ To compile all the design basic engineering information needed for modelling 
the distillation process. 

✓ To build a model supported on appropriate and well-founded tools that allows 
to study and predict the system behaviour in the real plant under specific 
changes in the operating conditions. 

✓ To determine the real plant current operating conditions  

✓ To compare real plant process data with the design operating conditions to 
identify deviations from the original designed operation. 

✓ To analyse the effect of the key variables and/or parameters to operate the 
distillation process considering those that are feasible to modify. 

✓ To propose actions to improve the plant operation reducing energy consumption 
and operating cost and increasing product quality. 
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3. STUDENT’S ROLE IN COMPANY  

3.1. The company: LyondellBasell 

LyondellBasell (LYB) is one of the largest plastics, chemicals, and refining 
companies in the world. Manufactures materials and products that are key to 
advancing solutions to modern challenges. These can be grouped into five key product 
areas: 

✓ Chemicals. Basic chemicals for the chemical industry which are the building 
blocks for numerous products used in everyday life. 

✓ Polymers. Versatile plastic resins used to produce a variety of products like 
packaging, automotive parts, and others. 

✓ Advanced polymers. This includes a diverse product portfolio of compounds and 
advanced polymers including automotive parts, differentiated packaging, 
specialty pipe, electronics, consumer appliances and construction materials. 

✓ Fuels. Focused mainly in refining heavy, high-sulphur crude oil into refined 
products including gasoline and distillates. 

✓ Technologies. Licensor of state-of-the-art manufacturing and process 
technologies use by chemical and plastics companies in the whole world. 

These products and solutions enhance food safety through lightweight and flexible 
packaging, protect the purity of water supplies through stronger and more versatile 
pipes, improves the safety, comfort, and fuel of means of transport, and ensure the 
safe and effective functionality in electronics and appliances. LyondellBasell’s products 
can be found in more than 100 countries (Figure 3.1) as the world's largest producer 
of polymer compounds and the largest licensor of polyolefin technologies. 

The potential of being one of the world’s largest producers of plastics and chemicals 
with products used by millions of people every day also implies responsibility. That’s 
why LYB is working to deliver meaningful progress to address some of the world’s most 
pressing challenges such as helping end plastic waste in the environment, reducing 
climate change and contributing to a thriving society for employees and the 
communities where the company operate and the people that depend on their 
products. 

In Spain, LYB is present in the autonomous region of Catalonia and Comunitat 
Valenciana. Tarragona Site West and Tarragona Site East as a part of one single site 
(LYB TAO) are focused on producing polypropylene resins and advanced polyolefin 
products. The polypropylene resins are used to manufacture many of modern life 
products: housewares, building materials and packaging materials. The polyolefin 
products are used for automotive parts, electrical appliances, and pipe and sheet 

applications. The work placement was in Tarragona Site East which is also called 
Novolen® due to the technology used for polymerisation reaction. 

The plant has two main lines of manufacturing called Polypropylene II (PPII) and 
Polypropylene III (PPIII) to produce three family of products Homopolymers (HOMO), 
Hetero copolymers (HECO) & Random copolymers (RACO). 
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Figure 3.1 - LyondellBasell around the world (adapted from: 
https://www.lyondellbasell.com) 

3.2. Work Placement Activities 

Several activities were carried out along the work placement period. Most of them 
focused on obtaining all the relevant information to perform the Master Final Project. 
Other, related to provide an overall insight about the role of a Process Engineer in the 
company. 

3.2.1. Internal organization 

The work placement position was as Process Engineer Intern and was conceived 

inside the Department of Technologies, Quality and Site Services (TQS). At the 
beginning, the tasks related to the work placement were distributed along 18 weeks 
with a review meeting every Friday. The team for the meetings was mainly composed 
by: 

✓ Irene Martos – Process Engineer TQS 

✓ Marc Viñas Vilaró – Process Engineer TQS – Company Supervisor 
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✓ Victor Alfaro – TQS Manager 

✓ David Serral – Operation Manager 

The objectives of regular meetings were: 

✓ To check the progress of the tasks 

✓ To provide support and contribute as a team with different point of views, 
knowledge and background to propose solutions to raised problems. 

✓ To define action plans for new tasks defining these inside the boundaries 
imposed by the scope of the project. 

✓ To train and improve oral presentation skills. 

The company provided access to all the information related to the PPII plant, the 
software and hardware needed to perform all the scheduled work plan. 

3.2.2. Overall activities 

From a general point of view, the task executed were the following: 

✓ To study the state of art of the distillation optimization. A screening and 
research about current strategies to optimize the distillation operations were 
performed. This provided an initial view of the current situation in that field. 

✓ To study all the available information provided by the company (P&IDs, set 
points, operations manuals, etc.). All the original design operating conditions and 
features were defined from the company Basic Engineering Design Reports and Data 
Sheets. The plant current operating conditions were stablished combining the data 
showed in the Control Room, the onsite instrumentation, lab tests and simulation 
assisted estimations. This allowed a further comparison between both steady states 
and conclude about future actions for improvements. 

✓ To perform the system modelling and simulation and create the Base Case. 

The information compiled from the Basic Engineering Design was included in the 
model. This step is assisted by a simulation software creating the C3-Splitter Initial 
Base Case. 

Later, calibration of the initial base case is made loading the current operating 
conditions in the model. This adjusted model constitutes the Base Case. 

Some challenges appeared to converge the flowsheet. Technical support in this field 
was obtained from URV professors and professionals from LYB to develop new 
strategies and overcome the obstacle. From the URV, several meetings mostly face to 
face were carried out with the following professionals:  

▪ Josep Font Capafons – PhD in Chemical Sciences – Process Intensification, 

Simulation and Environmental Technology. 14/11/2022. 

▪ Carles Torras Font – PhD in Chemical and Process Engineering – Separation 
Operations Design. 21/11/2022. 

▪ Carlos Pozo Fernández – PhD in Chemical Engineering – Process Engineering 
Fundamentals. 22/11/2022. 
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▪ Fèlix Lluís Llovell Ferret – PhD on Chemical Physics - Simulation and Analysis 
of Chemical Processes, Thermodynamics, and others. 24/11/2022. 

▪ Carmen Maria Torres Costa – PhD in Chemical Engineering – Environmental 
Analysis and Management and Computer Aided Process Engineering. 
24/11/2022. 

From the company the support was provided by Rob Fox, Director of Olefins 
Process Engineering located in Houston, Texas. Topics discussed were about 
modelling and simulation and collecting the real plant process data to finally calibrate 
the model. The meeting was via Microsoft Teams and assisted Marc Viñas Vilaró and 
Irene Martos from LYB TAO. 

After trying new strategies, the flowsheet finally converges.  

✓ To analyse the effect of reflux rate in the utilities consumption. From a 
theoretical approach using the model, the system behaviour for several values of the 
reflux rate were performed evaluating the impact in the distillation energy consumption 
and product quality. 

After the theoretical evaluation, an industrial test varying the C3 Splitter reflux rate 
were made next to test the model predictions focusing on the energy consumption and 
product quality. 

With the help of the simulation software the optimization with a cost-benefit basis is 
executed. 

✓ To perform a sensitivity analysis. The optimization procedure is based in the 
utilities price. To evaluate the optimum estimated a sensitivity analysis of both values 
is made. 

✓ To define the Improved Case best operating conditions. Last, the best 
operating conditions for minimize the utilities cost are found and proposed. 

✓ Additional tasks: The role of a Process Engineer 

❖ Process safety.  

Several field walkthroughs were performed with colleagues of other areas in LYB to 
assess the state of the facilities divided by sections. This was made to detect 
improvement opportunities or risks associated with the operation and maintenance of 
the plant. 

Understanding the fugitive emissions challenge in a hydrocarbons process. Then, 
provide help to check and modify drawings of the location of the fugitive emissions 
points in the production lines. 
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4. METHODOLOGY 

4.1. Process Modelling & Simulation 

The modelling and simulation procedure is based in three basic steps introduced in 
Figure 4.1. All the tasks related to building the model along the project were based on 
this scheme. 

 

 

 

 

 

 

 

 

 

 

4.1.1. Data collection 

The sources of information were basically all the engineering data available in the 
company. For the design data these were: Process Flow Diagrams (PFD), Basic 
Engineering Report, equipment’s data sheets, P&ID’s, etc (Appendix A1). 

Some discrepancies between the engineering basic data were found. In those cases 
where a variable or parameter showed different values for each source consulted, the 
data with the most recent revision date among all of them was taken as valid. 

Several field walkthroughs were made as a complement of the basic engineering 
study combining shorts interviews with production department personnel. The 
company gave full access to the plant fulfilling the safety requirements. Learning and 
getting familiarized with the whole manufacturing process allow to understand the 
operation of distillation columns. Both upstream and downstream operations provide a 
visualization of boundaries for further modifications. 

4.1.2. Model simulation 

Distillation modelling is performed with computer aided process simulation software. 
The two options analysed were Aspen Plus® and Aspen HYSYS® in version v.12. The 
comparison led to conclude that HYSYS® introduce additional tools and features such 
as modify the types of equipment and configuration (tower, column, or adding others) 
of the distillation module inside the Sub Flowsheet Environment called Column Build 

Figure 4.1 – Basic steps to build HYSYS Steady-State models (adapted from 
Aspentech® library). 
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Environment. Other advantage of HYSYS is the flexibility of the Dynamics Module 
suggested for further process control studies.  

4.1.3. Model base assumptions 

To simplify the model building process, three main assumptions were defined and 
further analysed about the impact in the results predicted by the model.  

a) Feed components. Include or not non-condensable gases (NCG) and heavy 
hydrocarbons compounds. 

b) Main tower configuration. In terms of mass and energy transfer, splitting the column 
should not make any difference, but focusing on the simulation software modelling 
one main column is simpler to simulate than split it into two shorter columns. 

c) Flowsheet. Similarly, including pumps, valves and others equipment’s at this point 
would not affect the results predicted by the separation process.  

4.1.4. Model building procedure 

The model was built in the steady state mode following the Aspen HYSYS usual 
procedure: 

✓ Load the list of components 

✓ Select a proper fluid package according to the nature of the system and the unit 
operations involved 

✓ Create the flowsheet defining and connecting all the equipment 

✓ Define inlets 

✓ Define the operating conditions of all the operations 

✓ Run the software and generate results 

This process was boarded in two steps. In the first step, one basic model was 
created, simulated and evaluated. Considerations made were: one standard column 
with a simplified feed stream (SFS) and using Soave Redlich Kwong as a fluid package 
suggested in the literature (Choudari et al, 2012). Simplified feed stream does not 
include C4 or heavier hydrocarbons and NCG, this stream only included propylene, 
ethylene, and propane. In the second step, the vent column with the vent condenser 
(Figure 1.1) were added to the first step model using previous results to facilitate the 
flowsheet convergence. An initial base case is built and saved. 

Basic information about the fluid package and minimum reflux rate was not found in 
the basic engineering data. Therefore, from this initial base case and considering the 
assumptions made and the need to evaluate the best fitting fluid package, several 
cases of study were defined. For the main tower configuration assumption, the column 
was modelled considering a single column with a total number of stages equal to the 
sum of the stages of the two smaller columns designed. For the flowsheet assumption, 
just the main elements were included: columns, reboiler and condensers. Considering 
the feed components assumption and the fluid packages as variables to evaluate, 
three cases of study were finally tested (Table 4.1). 

The fluid packages alternatives were chosen using the model assistant provided by 
HYSYS (Figure 4.2) and the literature available related to this system under study. 
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Using the Aspen® Plus shortcut distillation module, reflux ratio boundaries and 
minimum number of stages are estimated.  

  

Table 4.1 - Cases of study 

 

4.1.5. Model adjustment definition and assessment 

The relative error was used to evaluate the models built along the modelling 
process. This is defined as relative to the design value (Equation (4.1). 

The Model Adjustment Index (MAI) is defined and proposed to assess and 
compare predictions made in all cases. This parameter quantifies the total deviation 
adding the individual error made predicting the value of each variable or operating 
condition.  

Based in the Mean Square Error (MSE) and the Root Mean Square Error (RMSE) 
the MAI was defined as a Mean Square Relative Error (MSRE) ((4.4).  

  CASE 

Variable  A B C 

1 Feed stream 
components 

Ethylene 
Propane 
Propylene 

Ethylene 
Propane 
Propylene 
Hrydrogen 
Nitrogen 

Methane 
Ethane 
Ethylene 
Propane 
Propylene 
Hydrogen 

Nitrogen 
n-Butylene 

2 Fluid package PR 
SRK 
PRSV 
PRSV 

PR 
SRK 
PRSV 
PRSV 

PR 
SRK 
PRSV 
PRSV 

References: 

▪ PR = Peng Robinson 

▪ SRK = Soave-Redlich-Kwong 

▪ BWRS = Benedict-Webb-Rubin-Starling 

▪ PRSV = Peng-Robinson Stryjek-Vera 

𝑅𝐸[%] =
𝑌̂ − 𝑌𝐷
𝑌𝐷

× 100 (4.1) 
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Figure 4.2. Aspen HYSYS Property Package Selection Assistant. 

 

▪ Mean Square Error (MSE):  

▪ Root Mean Square Error (RMSE): 

▪ MAI=Mean Square Relative Error (MSRE): 

▪ Root Mean Square Error (RMSE):  

𝑀𝑆𝐸 =
1

𝑛
∑(𝑌̂ − 𝑌)

2

 (4.2) 

𝑅𝑀𝑆𝐸 = √𝑀𝑆𝐸 (4.3) 

𝑀𝑆𝑅𝐸 =
1

𝑛
∑(

𝑌̂ − 𝑌𝐷
𝑌𝐷

)

2

 (4.4) 

𝑅𝑀𝑆𝑅𝐸 = √𝑀𝑆𝑅𝐸 (4.5) 
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Variables compared include flows rate, compositions, temperatures, pressures, and 
other parameters. The magnitude in a deviation produced in a flow rate cannot be 
compared with a deviation in a composition. For this reason, the error was defined 
relative to the design value. 

4.2. Real Plant Process Data 

After selecting a reference product from the product portfolio different methods were 
boarded to establish the current operating conditions of the distillation section. The 
main source of data was the instrumentation records that are part of the Distributed 
Control System (DCS) providing historical values and others statistical data. The 
second source was the instrumentation that indicates and display values but do not 
have the feature of recording the measures. The last source was industrial and lab 
tests, and computer aided simulation. 

All the procedures that involve analyse and process data from measured and 
controlled variables of the DCS (recorded measurements) were taken from the Aspen 
InfoPlus.21® (IP21) system using Aspen Process Explorer® to analyse and obtain 
statistical data. 

Utilities consumptions were calculated based on a few assumptions. For the cooling 
water inlet and outlet conditions were easily obtained from the DCS records. For the 
low-pressure steam and refrigerant propylene, it was not possible to stablish the 
fraction of latent heat exchanged. Hence, the assumption of exchanging all the latent 
heat available was considered using this to calculate the total energy consumption for 
each utility.  

Two version of the PFD are defined to compare and evaluate the performance with 
the original design. The first contains the design data and the second include the real 
plant data scenario. Those deviations from the original design were identified by 
comparing PDF leading to potential improvement suggestions. 

Same analysed variables to compare models and cases of study during the 
modelling process were considered to assess the current operation of the distillation. 
To keep a data consistency, all the information from the several available sources was 
taken from the same period, to evaluate the same steady state. 

4.2.1. Product portfolio evaluation 

PPII manufacture more than 30 products. Some are specialties other commodities. 
Each product is made using a different recipe that generate a different carrier gas. 
Modifying the distillation feed conditions introduces variations in the column 
performance. Therefore, the best operating conditions for one product could not be the 
same for the others. 

The product portfolio was evaluated to select one product. All test and trials to 
establish real plant data are performed during the manufacturing period of this 
reference product. Therefore, the improved case was suggested according to the data 
obtained for this product manufacturing conditions. 

Reference product was selected by mutual agreement between the company tutor 
and other professionals from LYB TAO. This product belongs to the family of random 
copolymer products and is manufactured several times in the year. This will provide 
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representative conditions of the most frequent feeding conditions to the distillation 
section.  

4.2.2. Experimental data 

4.2.2.1. Composition Analysis 

Main streams composition estimation was boarded by two approaches. The first 
estimate the composition considering the measured value of the mixture temperature.  
For bottoms and product streams was made considering a binary mixture to use the 
equilibrium diagram (propylene/propane system). The temperature of the mixture can 
provide an estimation of the composition. The chromatography instrumentation 
attached to the PPII distillation section is out service but the one installed in PPIII is 
working, the method first was applied in the PPIII C3-Splitter to assess the feasibility 
of the assumptions made. 

The second approach was to send stream samples for further analysis in a lab of 
an external company. Five streams were selected (Figure 4.3) along with a defined list 
of components to analyse (Table 4.1).  

 
Figure 4.3. Sampling points locations 

After visiting the distillation section, the best locations for samples extraction were 
identified. Three of the five points need to be adapted to link the sampling nozzle and 
the container for sample storage. The connection point for the nozzle is available 
removing the installed manometers (P&ID tags PIXXXXX). The remaining two has 
already a sampling system installed (isolation valves and flanges). 

In coordination with TQS, Production and Maintenance departments a specific date 
was selected to extract the samples, according to production schedule. These were 
collected by maintenance and quality staff following all the safety procedures. Finally, 

samples were tagged and sent to a third party to be analysed using the method ASTM 
D2163-14(2019). All the samples were taken from high pressure liquid streams and 
collected in special containers for high pressure liquids. Sampling period from the first 
sample extraction (12/20/2022 10:32:00) to the last (12/20/2023 12:52:00) lasted 
around 140 minutes. 
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Table 4.2. Sample extraction summary 

 

4.2.2.2. Vapour fraction 

Estimation of the vapour fraction at the main condensers (W655A and B) outlet 
stream is made by industrial scale tests. Quantifying level variation produced in a 
specific period it is possible to estimate an average value of the liquid phase flow rate 
coming from the W655A/B condensers. 

The test was designed in three stages to quantify the flow rate of the liquid and 
vapour phases coming from the top condensers. With few modifications the vent 
column was induced to operate as a phase separator and the flow meters attached to 
it were used to measure outlet streams flow rates. 

The system considered is delimited by the control volume (CV) defined in Figure 
4.4. This VC in composed by two types of fluids: a mixture of hydrocarbons and NCG, 
coming from the splitter (Carrier Gas) and hydrocarbons for refrigeration purposes 
(Refrigerant Propylene). Both fluids exchange energy with each other in condenser 
W659, without mixing. 

 

Order Target stream 

Process connection point 
Sample 

code 
Components 

to analyse Sample 
extraction  

Purge 

1º Distillate - W658 Installed DEST-01 1_Ethylene 

2_Propane 

3_Propylene 

4_Ethane 

5_Butane 

6_Butylene 

7_Pentane 

8_Heptane 

9_Isopropanol 

10_Water 

11_N2 

12_H2 

13_Mineral oil 

2º Bottom - K655A Installed FNDO-01 

3º 

Feeding reflux to tray 
100, from reflux drum 
B655 to column K655B 
- Pumps P655A y 

P655B 

PI65105A o 
PI65105B 

PI65105B o 
PI65105A 

R100-01 

4º 

Feeding reflux to tray 
49, from column 
K655B to column 
K655A - Pumps  
P657A y P657B 

PI65113B PI65113A R049-01 

5º 

Feed to tray 44 in 
column K655A - 
Pumps P393A y 
P393B (outlet B393) 

PI39121 PI65113A ALIM-01 



Methodology. Real Plant Process Data.                                                                                                                      

X-AP3/2nQ23 

20/135 

 

Figure 4.4. Vapour fraction estimation test. Definitions. 

Furthermore, two input streams (1 and 4) and three output streams (2, 3 and 5) pass 
through the control surface (CS). The steady state total mass balance is defined in 
Equation (4.6), where Gi is the total mass flow rate of stream i. Inlet and outlet flow of 
propylene refrigerant is the same, the total mass balance reduces to Equation (4.7). 
Flow meter FIRA65107 allow to read the flow rate of the reflux liquid stream, coming 
from the base of the reflux drum (G2). On the other hand, FIRA65107 provide the outlet 
stream flow rate leaving the K656 venting column (G3). 

The internal streams in the B655 reflux drum are analysed in Figure 4.5. In absence 
of refrigerant propylene flowing inside the condenser a new steady state is created 
where no liquid phase will return from the K656 column (L1=0). Under these conditions, 
the reflux from the bottom of the reflux drum is the liquid phase (G1L) and the outlet 
stream at the top of the column will be the vapor phase (G1V) coming from the 
W655A/B condensers, respectively. Dividing the last by G1 the vapor fraction is 
obtained (Equation (4.13). 

Another alternative based in the reflux drum level variation is boarded for vapour 
fraction estimation. Closing the reflux valve linked to FIRC65105 totally or partially, still 

in absence of refrigeration, a transient state with liquid phase accumulation occurs in 
the tank and is caused by G1L flow rate. Vapour stream has no influence and will find 
his way out through the vent column.  

𝐺1 + 𝐺4 = 𝐺2 + 𝐺3 + 𝐺5, 𝐺𝑖 [kg/h] (4.6) 

𝐺4 = 𝐺5 ⇒ 𝑮𝟏 = 𝑮𝟐 + 𝑮𝟑 (4.7) 

𝑉𝑎𝑝𝑜𝑢𝑟 𝑓𝑟𝑎𝑐𝑡𝑖𝑜𝑛 (𝑉𝐹) = 𝑡𝑉 =
𝑮𝟏𝑽
𝑮𝟏

=
𝑮𝟑

𝑮𝟐 + 𝑮𝟑
 (4.8) 

1 

2 

3 

4 

5 

FIRC65105 

FIRA65107 

▪ Control volume 

▪ Inlet streams 

▪ Outlet streams 

▪ Flow meters 
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Figure 4.5. Liquid and vapour phases distribution inside the reflux drum (B655). 

 

Total mass balance in the transient state is defined by the Equation (4.9). Without 
propylene refrigerant fed into condenser W659 the liquid phase coming from the 
bottom of the vent column is zero (L1=0). Furthermore, if the reflux is totally or partially 
restricted, the outlet flow rate has a lower value than the initial flow without reducing 
inlet stream flow rate. This cause liquid phase accumulation in the system until it 
reaches a new steady state. Mass balance is reduced then to the Equation (4.10). 
Considering a time-weighted average value of G1L, last expression can be simplified 
into Equation (4.11). The outlet stream from the reflux drum is only reduced by a fifty 
percent to prevent the trays from drying out. 

As said previously, the data collection was made in 3 stages setting previously the 
reflux drum level in 30%: 

Stage 1. Initial steady state flow rates is made (process usual operating conditions). 
Measured value by FIRC 65105 and FIRA65107 flow meters are G2 and G3. Equation 
(4.7) provide the total flowrate leaving the condensers W655A/B (G1). 

Stage 2. Propylene refrigerant supply to the W659 condenser is shutted off. Once 

the system stabilizes in a new steady state, the values read on the FIRC 65105 and 
FIRA65107 meters were G1L and G1V. 

Stage 3. Close reflux feed valve to plate 100, FIRC65105. Simultaneously, the time 
elapsed is counted starting from the instant of valve complete closure to the moment 
of a maximum level of 70% of the maximum capacity of the B655 tank. Considering 
initial al final level, the mass of liquid accumulated in the test period is calculated. Using 

𝑮𝟏𝑳 + 𝑳𝟏 − 𝑮𝟐 =
𝒅𝑴

𝒅𝒕
 (4.9) 

𝑳𝟏=𝟎
𝑮𝟐=𝑮𝟐′

⇒    𝑮𝟏𝑳 − 𝑮𝟐′ =
𝒅𝑴

𝒅𝒕
⟹ ∫ 𝒅𝑴

𝑴𝟏

𝑴𝟎

= 𝑮𝟏𝑳 − 𝑮𝟐′̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅ ∫ 𝒅𝒕
𝒕𝟏

𝒕𝟎

⇒ 𝑴𝟏 −𝑴𝟎 = 𝑮𝟏𝑳 − 𝑮𝟐′̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅(𝒕𝟏 − 𝒕𝟎) 

(4.10) 

⇒ 𝑮𝟏𝑳 = 𝝆
𝑽𝑻𝟏|𝒉𝟏−𝑽𝑻𝟎|𝒉𝟎

𝒕𝟏−𝒕𝟎
+ 𝑮𝟐′   (4.11) 

𝑮𝟏 

𝑮𝟏𝑳 

𝑮𝟏𝑽 𝑳𝟏 

𝑮𝟐 

𝑽𝟏 



Methodology. Real Plant Process Data.                                                                                                                      

X-AP3/2nQ23 

22/135 

Equation (4.11) provided the value of G1L to compare it with the previously obtained 
from the FIRC65105 meter in stage 2. 

4.2.3. Data from DCS records 

Aided by Aspen® Process Explorer and Microsoft Excel all the DCS data is 
compiled. The interval of time considered for statistical purposes is the period defined 
in Section 4.2.2. Average value of each variable was obtained and considered as the 
representative value of this period.  

4.2.4. Data from in site instrumentation 

Instant value of those variables that were measured and displayed on site but no 
recorded were registered as a photo for further processing. These photos were taken 
in the same period defined in section 4.2.3 during samples collection. 

4.2.5. Data estimation aided by simulation 

Gas phase feed composition was estimated using HYSYS®. The feed stream to the 
distillation columns is composed by two phases, a vapour (feed stream A) and a liquid 
stream (feed stream B) (Figure 4.6).  Both streams have individual flow meters and are 
sent directly to main distillation column (K655A). The composition of the liquid feed 
stream was obtained by lab tests not being possible to replicate this methodology for 
the vapour phase.  

This phase separation occurs in a heat exchanger (W392) that condenses the feed 
stream to the column and is placed upstream the distillation section. This separation 
was simulated assuming both phases are in equilibrium. The objective was to estimate 
the composition of the vapour phase in equilibrium with a liquid phase with the 
composition obtained in the laboratory analysis. Once the composition was estimated, 
considering the density of the gas phase and measured value reported by the flow 
meter installed, the feed stream total mass flow was calculated. 

 

Figure 4.6. Distillation feed stream (carrier gas) 

FIR39104 

FIR39102 

Feed stream A 
Non-condensable gases 

+ 
Hydrocarbons (vapour) 

Feed stream B 
Hydrocarbons (liquid) 
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4.3. Comparison Design with Current Operating Conditions 

Once all the needed data is compiled, the current version of the PFD is finally 
defined. Then, a final comparison of both steady states conditions (design and real 
plant) was easily performed. The deviations from the design were highlighted and 
assessed to finally include it in this report conclusions and being discussed with the 
Review Meetings Team. 

4.4. Model calibration with real plant data 

The feed stream obtained from the real planta data is loaded in the model to 
compare the predicted outlets against the actual obtained in the process. 

Comparison is made following the same methodology applied before to compare 
model predictions for the basic design engineering information. Predictions are 
calibrated varying the column global efficiency. 

4.5. Improvement & Optimization 

The base case built was improved with the help of HYSYS. A screening of key 
variables related with the column’s performance was made and those variables that 
could be modified (the number of stages cannot be modified or changed) were 
assessed based on a cost-benefit basis. Then, the improved operating conditions were 
suggested to operate the columns. 

4.5.1. Basics 

System behaviour was analysed creating different cases of study in HYSYS. Then, 
for every key variable a feasible operation interval with the respective energy 
consumption was obtained. Furthermore, the cost of utilities was defined and 
calculated for the separation process along this interval.  

Focusing on a costs and benefits analysis, an improved interval was obtained to 
operate the columns. In case of controlled variables this provide better set points for 
controllers. 

4.5.2. Reflux rate effect 

The operation of distillation columns was linked naturally to some key variables. 
Among them and due to time limitations, the main key variable evaluated is the reflux 
ratio. 

The effect of the reflux ratio (or reflux rate) was analysed boarding a theoretical and 
an empirical approach. Using the model, the system behaviour was predicted defining 
a case of study in HYSYS®. It was desired to analyse the effect on key process 
variables: 

✓ Propylene mass fraction in product stream 

✓ Condenser duty W655 – Column K655B 

✓ Reboiler duty W656 – Column K655A 

✓ Condenser W659 – Column K656 
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For the empirical analysis, the methodology intended to be similar but must be 
modified. The chromatography analysers attached to the distillation section were out 
of service not being possible to stablish the distilled product composition directly. For 
this reason, the reaction section analysers were used to assess distillate composition. 
Despite some limitations related to the age of the instrumentation, these were 
calibrated and in service during the execution of this project. Then, the new 
methodology integrates both sections allowing also to analyse the effect of the 
distillation performance over the reaction performance. 

Using a black box approach, the raw material feed into the reactor is a mix of 
polymer grade propylene (provided by BASF SONATRACH Propanchem S.A.) and 
distilled propylene from the recovery section (Figure 4.7). The composition of the 
reaction atmosphere is the results of these two feed streams. Therefore, the amount 
of impurities inside the reactor are mainly related to the distillation performance and 

the distillate composition.  

Reaction rate for gas phases reactions is directly affected, among others, by 
reactants partial pressure. Assuming the same reaction conditions, for higher amount 
of propane introduced in the reactor lower reaction rate will be experienced due to 
lower propylene partial pressure. Therefore, is preferably to introduce the lower 
amount of propane in the reactor. 

 

 

The analysers calibration was checked in a preliminary phase. The findings were 
that the error measuring propylene composition was higher than for propane (Table 

4.3). Both compositions are related to the distillation performance and either can be 
used to conclude about the distillation performance. The best separation performance 
is obtained for a distilled stream more concentrated in propylene with traces of 
propane. Increasing propane composition in the distillate decrease propylene 
recovered and the performance decrease. Finally, propane composition in the reaction 
atmosphere was analysed instead propylene composition. 

Figure 4.7. Reaction and distillation sections feed streams.  
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Empirical tests were performed during the columns operation in normal conditions 
and was divided in two phases. The 1st Phase test were performed in a smaller interval 
of reflux ratio. The objective was to evaluate the performance of the reboiler purge 
system response for small increases in the reflux rate and confirm theoretical 
statements. The test started on January 16th at 22:00:00 and finished on January 19th 
at 21:55:00. Three products from the family of Random Copolymers are scheduled to 
manufacture in this period: PL RP374R, PL RP378T and PL RP375R. Reflux ratio 
values analysed went from 1,4 (normal operating condition) to 1,8. Variables analysed 
are defined in Table 4.4. 

 

Table 4.3. Preventive maintenance and calibration sheet. Analysers reactor R300. 

Component 
Composition [% v/v] Error 

Calibration standard Measured value Absolute [%v/v] Relative [%] 

Hydrogen 6,08 6,70 0,62 10,20 

Nitrogen 1,01 0,80 0,21 20,79 

Ethylene 14,47 13,10 1,37 9,47 

Propane 3,81 3,80 0,01 0,26 

Propylene 74,06 60,70 13,36 18,04 

TOTAL 99,43 85,10   

 

The 2nd phase test includes higher values of reflux ratio during a longer period. The 
test started on February 6th at 8:00:00 and finished on February 10th at 1:20:00. Two 
products from the family of Random Copolymers are scheduled to manufacture in this 
period: RP248R and RP348U. Reflux ratio values went from 1,4 to 3,0. Variables 
analysed are defined in Table 4.5. 

 

Table 4.4. 1st Phase test variables analysed. 
 Variable P&ID tag Description 

1 REL_REFL Distillation reflux rate 

2 QR30101D Propane analyser – Reactor R300 

3 FRC65102 Bottoms flow rate K655A 

4 FRC65105 Reflux to tray 100 – B655 to K655B 

5 TI65101 Bottoms temperature K655A 

6 TI65108 Bottoms propylene temperature K655A 

7 TIR65109 Top vapor temperature K655B 

8 TI65107 Product temperature – Tray 95 – Column K655B 

9 FRC65101 Steam inlet flow rate – Reboiler W656 

10 FSA65111 Cooling water flow rate – W655A/B 

11 FCA65108 Refrigerant propylene flow rate – Condenser W659 

12 TIC65115 Shell temperature – W659 

13 TI65113 Outlet propylene temperature – W659 
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4.5.3. Optimization 

Optimal reflux rate is obtained with the HYSYS® Optimizer module (appendix A3). 
The minimum required data was the objective function and constrains and boundaries 
for every primary variable. The objective function is introduced in Equation (5.1 and 
the primary variables selected in Table 4.6.  

 

Table 4.5. 2nd Phase test variables analysed 
 Variable P&ID Tag Description 

1 REL_REFL Distillation reflux rate 

2 QR30101D Propane analyser – Reactor R300 

3 TI65107 Product temperature – Tray 95 – Column K655B 

4 TI65101 Bottoms temperature – Column K655A 

5 TIR65109 Top vapor temperature – K655B  

6 FRC65101 Steam inlet flow rate – Reboiler W656 

7 FSA65111 Cooling water flow rate – W655A/B 

8 FCA65108 Refrigerant propylene flow rate – Condenser W659 

9 FIR39102 NCG flow rate – Heat exchanger W392 

10 FIR39104 Propylene liquid feed to column K655A 

11 FIR65103 Distilled propylene to main storage tank B5214 

12 FIR30108 Distilled propylene to R300 

13 FCS30104 Fresh propylene from K10 to R300 

14 FQC65104 Distilled propylene to R300 (P656A/B) 

15 QR30101E Propylene analyser R300 

16 FRC65109 Reflux to tray 49 – K655B to K655A 

17 FRC65105 Reflux to tray 100 – B655 to K655B 

18 FRC65102 Bottoms flow rate – K655A 

 

Table 4.6. Primary variables summary. 

Variable Description Upper bound Lower bound 

𝑥𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸,𝑃𝑅𝑂𝐷𝑈𝐶𝑇 
Propylene purity in 
product distilled stream 

0.9999 0.9700 

𝑥𝑃𝑅𝑂𝑃𝐴𝑁𝐸,𝐵𝑂𝑇𝑇𝑂𝑀𝑆 
Propane purity in 
bottoms stream 

0.9999 0.3000 

 

𝐵𝑒𝑛𝑒𝑓𝑖𝑡 = 𝐼𝑛𝑐𝑜𝑚𝑒𝑠 − 𝑂𝑢𝑡𝑐𝑜𝑚𝑒𝑠 

= 𝑃𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸 × (𝑤𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸 × 𝐺)𝑃𝑅𝑂𝐷𝑈𝐶𝑇 × 𝑡𝑂𝑃 −∑𝑘𝑖𝑄𝑖

3

𝑖=1

 
(4.12) 
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The product and bottom streams purities boundaries comes from the basic 
engineering design. The reflux rate has lower and upper bound when defining the 
feasible region and which values analyse when the optimum screening is performed. 
The lower bound is taken from the shortcut distillation using the minimum reflux as a 
reference to estimate the minimum flow rate. The upper bound is provided by the 
maximum flow rate defined in the columns datasheets which should correspond to the 
80% of the flooding flow rate. 

The propylene price is extracted from the company annual reports considering the 
polymer grade fresh propylene directly from the provider: 1,06 €/kg. The cost of the 
utility i associated to the duty i was estimated with a general expression composed by 
coefficients A, B, and C defined in Equation (4.13. The last, can be reduced into a 
simpler expression introduced by Equation (4.14 where all constants are grouped into 
one constant ki. Units and values of each coefficient are defined in  

Table 4.7. Additional and detailed information about utilities cost and assumptions 
made can be found in Appendix A5. 

 
Table 4.7. Utilities summary 

Utility 
Coefficients 

A B C k 

1. Low pressure steam  
CUST 1 1/λST 

823,83 
0,0603 €/kg 1 1,708 kg/h/kW 

2. Cooling water 
CUEL SPRT 1/(ρcP∆T)w 

146,57 
0,267 €/kWh 0,476 kW/m3/h 0,144 m3/h/kW 

3. Refrigeration 
propylene 

CUEL SPC 1/λPR 
1194,35 

0,267 €/kWh 0,0667 kW/kg/h 8,387 kg/h/kW 

 

  

𝐶𝑖 = 𝐴𝑖𝐵𝑖𝐶𝑖𝑄𝑖𝑡𝑂𝑃, 𝑖 = 1, 2, 3 ∩  𝑡𝑂𝑃 = 8000
ℎ
𝑎ñ𝑜⁄   (4.13) 

𝐶𝑖 = 𝑘𝑖𝑄𝑖, [𝑘𝑖] =  
€
𝐴ñ𝑜 × 𝑘𝑊⁄ , [𝑄𝑖] = 𝑘𝑊 (4.14) 
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5. RESULTS AND DISCUSSION 

5.1. Process Modelling & Simulation 

5.1.1. Basic Engineering Design 

Recovery section flowsheet was defined in Figure 1.1. The C3-Splitter is basically a 
standard distillation column divided into two smaller columns (K655A/B) with minor 
changes. It has one inlet and three outlet streams (one at top, one at the bottom and a 
so-called distilled stream which in fact is a liquid side stream located 5 trays below the 
top stage). The usual equipment associated are two condensers (W655A/B) and a 
reflux drum (B655) at the top, and a reboiler at the bottom (W656). In addition to this 
standard configuration, a smaller distillation column (K656) is installed between the 
main condenser and the top reflux. Distillation columns design is based on the 

specifications defined in Table 5.1. Reflux ratio in the basic engineering is defined 
considering the side product as the distillate (Equation (5.1).  

 

Table 5.1. C3 Splitter design conditions 

Propylene purity in side stream (product) Min of 97% w/w 

Propylene composition in bottom stream Abt 15% w/w 

Operating pressure pe=20 bar 

Reflux ratio(a) 7 

Tray number 
100 divided into two columns 
49 trays in K655A  
51 trays in K655B 

Tray type (recommendation) 
Varioflex valve tray / One pass  
Stahl Mannheim 
Load min to max abt 25%. 

Column diameter 1300mm 

Feed tray 44 

Pure propylene drawing off tray 95 

Condenser type Tubular with fixed head. Horizontal. 

Condenser pressure 16,6 bara 

Condenser duty 1944 kW 

Reboiler type 
Thermosiphon. Tubular with fixed head. 
Vertical. 

Reboiler pressure 16.5 bara 

Reboiler arrangement Circulation with baffles(b) 

Reboiler duty 2062 kW 

(a): Reflux ratio in here is defined as reflux flow rate divided in side product stream flow rate 

(b): Detail extracted from Figure 5.1 
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Figure 5.1. Reboiler configuration. Drawings 
constructive specifications. 

 

 
Figure 5.2. Constructive details of tray Nº95. Column 
K655B. 

 

The design feed components are described in Table 5.1. Based on the feed flow 
rate, composition, and properties and the components defining the system (Table 5.3) 
the shortcut distillation module estimates minimum reflux ratio (Underwood), minimum 
number of stages (Winn) and actual number of stages (theoretical number of plates 
with Gilliland), using Winn, Underwood, and Gilliland correlations. Light key (LK) and 
heavy key (HK) components are propylene and propane. The input loaded is shown in 

𝑅𝑒𝑓𝑙𝑢𝑥 𝑟𝑎𝑡𝑖𝑜(𝑎) =
𝑅𝑒𝑓𝑙𝑢𝑥 𝑠𝑡𝑟𝑒𝑎𝑚 𝑖𝑛 𝑡𝑜𝑝 𝑠𝑡𝑎𝑔𝑒 𝑓𝑙𝑜𝑤 𝑟𝑎𝑡𝑒

𝑆𝑖𝑑𝑒 𝑠𝑡𝑟𝑒𝑎𝑚 𝑝𝑟𝑜𝑑𝑢𝑐𝑡 (𝑝𝑢𝑟𝑖𝑓𝑖𝑒𝑑 𝑝𝑟𝑜𝑝𝑦𝑙𝑒𝑛𝑒) 𝑓𝑙𝑜𝑤 𝑟𝑎𝑡𝑒
 (5.1) 
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Table 5.4 with the LK and HK recoveries in distillate stream obtained from the PFD and 
the reflux ratio from Table 5.1. Results are presented in Table 5.5. Using these results 
and Equation (1.1 the design Global Efficiency can be estimated around the 56%.  

 
Table 5.2. Design feed components.  

Nº Component 
Molecular 

weight 
Boiling 

point [ºC] 
Chemical structure 

Nº 
Carbons 
atoms 

1 Hydrogen 2.02 -252.76 H-H - 

2 Nitrogen 28.01 -195.81 N-N - 

3 Methane 16.04 -161.49 CH4 C1 

4 Ethylene 28.05 -103.74 H2C=CH2 C2 

5 Ethane 30.07 -88.60 H3C-CH3 C2 

6 Propylene (LK) 42.08 -47.70 H2C=CH–CH3 C3 

7 Propane (HK) 44.10 -42,04 H3C-CH2–CH3 C3 

8 Buthylene 56.11 -6.24 CH2=CH–CH2–CH3 C4 

 

Table 5.3. Design feed flow rates, composition, and properties. 

Component Flow rate [kg/h] Mass fraction 

Hydrogen 0.90 0.05% 

Nitrogen 2.00 0.10% 

Methane 5.20 0.27% 

Ethane 5.20 0.27% 

Ethylene 26.00 1.33% 

Propylene 1748.00 89.64% 

Propane 97.50 5.00% 

n-Butylene 65.14 3.34% 

   

Temperature [ºC] 41.00  

Pressure [bara] 18.90  

 

The splitter vent column (K656) is designed to remove light hydrocarbons, nitrogen, 
hydrogen, carbon monoxide and carbon dioxide. On the other hand, is provided with a 
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vent condenser (W659) to reduce losses of propylene in vent gas stream using 
propylene at -25.5ºC to condensate all that can be in the vent gas stream. The design 
specifications are introduced in Table 5.6. 

The utilities involved in the distillation operation are three: 

I. Propylene liquid expanded from 19 to 1.5 bar (g) 

II. Low pressure steam at 5 bar  

III. Cooling water. Inlet temperature 29ºC. Outlet temperature 35ºC (max) 

 
Table 5.4. Shortcut distillation input. Design data. 

Input Value 

Column specifications - Reflux ratio 7.00 

Pressure - Condenser [bara] 1.60 

Pressure - Reboiler [bara] 16.60 

Key components recovery in distillate - LK 0.9734 

Key components recovery in distillate - HK 0.4913 

 
 
Table 5.5. Shortcut distillation results. 

Variable/parameter description Value 

Minimum reflux ratio 3.94 

Actual reflux ratio 7.00 

Minimum number of stages 39.92 

Number of actual stages (theoretical) 55.58 

Feed stage 10.92 

Number of actual stages above feed 9.92 

Reboiler heating required [kW] 1203.19 

Condenser cooling required [kW] 1086.17 

Distillate temperature [ºC] 38.19 

Bottom temperature [ºC] 57.62 

Distillate to feed fraction 0.9276 

 

Table 5.7 show the temperature profile extracted from the basic engineering design 
of the K655A and K655B distillation column. Table 5.8 summarize all the basic 
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engineering the data compilation. The design case is then fully defined introducing 
streams conditions and compositions, utilities consumption and the expected 
distillation performance.  

 

Table 5.6. Vent column design conditions 

Operating pressure 15.5 bar (g) 

Reflux rate 1018 kg/h 

Tray number 7 

Tray type recommendation 
Varioflex valve tray / One pass 
Stahl Mannheim 

Column diameter 500 mm 

Feed tray 1 

Condenser type Tubular with U-tubes. Vertical. 

Condenser duty 111 kW 

 

Table 5.7. Distillation column temperature profile. Design data. 

Tray Nº/Stage   Temperature [ºC] Tray Nº/Stage Temperature [ºC] 

Reflux drum 39.20 45 41.10 

100 39.80 44 41.30 

97 40.00 43 41.30 

96 40.00 37 41.50 

95 40.00 30 41.90 

89 40.20 21 42.80 

80 40.40 13 44.10 

67 40.60 6 46.10 
66 40.60 3 53.00 

65 40.60 1 60.20 

54 40.80 Reboiler 68.20 

 

 
Figure 5.3. Distillation column temperature profile. Design data. 
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5.1.2. Modelling  

Distillation module following the HYSYS® usual procedure were easily followed 
based on the information compiled in the previous section. The real reboiler 
configuration could not be adopted in the model. Despite the strategies tried it was not 
possible to converge the flowsheet selecting the circulation with baffle option. 
Therefore, the default option was selected: circulation without baffle (Figure 5.4). 
Flowsheet obtained from the first step model is introduced in Figure 5.5.  

 

Figure 5.4 – HYSYS options for reboiler configuration. 
 
To build the second step model flowsheet other convergence issues appeared. The 

addition of the vent column to the first model implies to include, among other 
modifications, the liquid stream from the bottoms of the column to the reflux drum. This 
stream is a recycle stream with a recycle module linked to it. Connecting this recycle 
module and to converge the flowsheet with this configuration was the main challenge. 

 

 

Figure 5.5. First step model flowsheet and subflowsheet. 
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Several alternatives were tested to converge the flowsheet: 

✓ Define the vent column inside the column build environment. In that sub-
flowsheet space, there is no recycle module. Instead, the algorithm must be 
changed from HYSIM Inside-Out to Modified HYSIM Inside-Out. 

✓ Keep the vent column inside the column build environment but sending the 
streams to a recycle module outside in the main simulation environment. 

✓ Define the vent column and the recycle in the main simulation keeping the default 
condenser in the main tower module. 

The problem was identified at the top of the column when trying to estimate the top 
vapor stream properties, especially the outlet temperature. Properties estimations are 
related to the fluid package selected (FP). Therefore, other options of fluid packages 

were added to test and analyse the influence of these when trying to predict the 
properties of the top vapor stream. Alternatives of FP analysed were taken from the 
HYSYS help mainly and others suggested in the literature studying the behaviour of 
propane/propylene systems. The top vapour stream composition was also tested 
comparing two types of streams including or not the NCG (Table 5.9).  

Table 5.9. Top vapour composition. FP Test Nº1. 
 Components -NCG +NCG 

Mass flow rate [kg/h] 

Ethylene 207,90 207,90 

Propylene 11929,90 11929,90 

Propane 222,80 222,80 

Nitrogen 0,00 2,00 

Hydrogen 0,00 0,80 

Temperature [ºC] 38,30 

Pressure [bara]   16,60 

 

Using the design data, the Test Nº1 stablished and analysed: 

▪ Top vapour stream vapour fraction (VF) predicted by the model. 

▪ Condenser outlet stream vapour fraction and duty. This is made imposing that 
the top vapour temperature drop through the condenser is the same that the one 
in the design (-4,2ºC).  

Flowsheet created for fluid package test Nº1 is introduced in Figure 5.6 and the 
results obtained can be seen in Table 5.10. The top vapour fraction predicted varies 

according to the fluid package considered. The Cubic-Plus-Association (CPA) fluid 
package estimated the proper fraction that the top vapour stream should have after 
leaving a distillation column. Including the NCG increase the vapour fraction due to the 
addition of these components mass flow rates are directly to the vapour phase. If NCG 
are not included the vapour fraction at the condenser outlet is zero despite the FP 
analysed. Including the NCG some FP predict a vapour fraction higher that zero at the 
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condenser outlet. This is due to the presence of hydrogen and nitrogen that cannot be 
condensed with cooling water at these conditions. The amount of vapor predicted at 
the inlet varies the condenser duty. Higher vapour fractions predicted require higher 
duty to produce the temperature drop (-4,2ºC). 

Test Nº2 evaluate the predictions made by a selected group of fluid packages: PR, 
SRK and BWRS. CPA is not feasible for the system under study and is not further 
included. All the components defined in the design top vapour stream were included 
(Table 5.1). The top vapour stream leaving the distillation column has no C4 or heavy 
HC, these compounds cannot be found in this stream. The vapour fraction predicted is 
also analysed but with other considerations and methodology. 

 

Figure 5.6. Fluid package and feed stream composition test. HYSYS® flowsheet. FP 
Test Nº1. 

 

The temperatures defined by design are imposed: 

➢ TA=Top vapour temperature. Source: LYB ‘s Process Flow Diagram. 

➢ TB=Reflux temperature. Source: LYB ‘s Process Flow Diagram. 

➢ TC=Top vapour temperature. Source W655 datasheet 

➢ TD=W655 outlet stream temperature. Source W655 datasheet 

The analysis is based on evaluate the predictions made by the software varying stream 
composition and the FP used to predict the properties. 

The alternatives of streams analysed are shown in Table 5.11 and the results 
inTable 5.12. In the last, dew and bubble point temperature were estimated and the 
difference between both calculated. Then, for all the temperatures defined by design 
the vapour fraction is predicted.  
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Table 5.10. Predicted top vapour fraction and utility consumption. FP Test Nº1. 

Item Object Variable -NCG +NCG 

1 TopVapour-SRK Vapour Fraction 0,4890 0,5927 

2 TopVapour-PR Vapour Fraction 0,2647 0,3641 

3 TopVapour-CPA Vapour Fraction 1,0000 1,0000 

4 TopVapour-BWRS Vapour Fraction 0,2637 0,3688 

5 TopVapour-UNIQUAC Vapour Fraction 0,1851 0,2762 

6 TopVapour-SourSRK Vapour Fraction 0,4890 0,5920 

7 To B655_SRK Vapour Fraction 0,0000 0,0122 

8 To B655_PR Vapour Fraction 0,0000 0,0000 

9 To B655_CPA Vapour Fraction 0,0000 0,0284 

10 To B655_BWRS Vapour Fraction 0,0000 0,0106 

11 To B655_UNIQUAC Vapour Fraction 0,0000 0,0000 

12 To B655_SourSRK Vapour Fraction 0,0000 0,0051 

13 Qcond_SRK Heat Flow [kW] 559,74 656,54 

14 Qcond_PR Heat Flow [kW] 319,51 422,53 

15 Qcond_CPA Heat Flow [kW] 1126,17 1096,21 

16 Qcond_BWRS Heat Flow [kW] 318,44 419,06 

17 Qcond_UNIQUAC Heat Flow [kW] 262,48 371,42 

18 Qcond_SourSRK Heat Flow [kW] 559,74 662,85 

 
 

Table 5.11. Streams composition alternatives. FP Test Nº2. 

Component 

Mass flow rate [kg/h] 

Stream 

1 2 3 

Methane 0,0 0,0 36,9 

Ethane 0,0 0,0 36,9 

Ethylene 207,9 207,9 207,9 

Propene 11929,9 11929,9 11929,9 

Propane 222,8 222,8 222,8 

Nitrogen 0,0 3,4 3,4 
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Each FP predict different values for every stream and vary considering the 
components included. From stream 1 to stream 3, lighter components are added 
causing: 

✓ Smaller dew and bubble points because lower boiling points are included in the 
mixture temperature calculation.  

✓ Higher temperature difference between these two temperatures.  

✓ Higher vapour fractions predicted. 

✓ Analysing the FP effect, PR and BWRS in general predict similar values while 
SRK values are far from those. 

Considering FP and components included, the most accurate prediction comes from 
PR and assuming the top vapour stream composed by all the components previously 
mentioned. The design vapour fraction is obtained from the condenser data sheets 
(Figure 5.7 and Equation (5.2). 

 
Table 5.12. Dew and bubble point temperatures and vapour fraction predictions. FP 
Test Nº2. 

Str. Comp. FP 

Temperature 
[ºC] 

∆T [ºC] 

Vapour fraction  
(Design HE outlet=0,0635) 

Dew 
Point 

Bubble 
Point 

TA 
38,3ºC 

TB 
34,1ºC 

TC 
38,1ºC 

TD 
33,4ºC 

1 Ethylene 
Propylene 
Propane 

SRK 38,867 36,679 2,189 0,489 0,000 0,383 0,000 

PR 39,356 37,174 2,183 0,265 0,000 0,200 0,000 

BWRS 39,381 36,858 2,523 0,293 0,000 0,231 0,000 

2 Ethylene 
Propylene 
Propane 
Nitrogen 
Hydrogen 

SRK 38,722 30,008 8,714 0,642 0,029 0,531 0,019 

PR 39,211 32,786 6,425 0,408 0,013 0,343 0,005 

BWRS 39,236 29,745 9,491 0,424 0,028 0,361 0,019 

3 Methane 
Ethane 
Ethylene 
Propylene 
Propane 

Nitrogen 
Hydrogen 

SRK 38,162 25,552 12,610 1,000 0,118 0,955 0,087 

PR 38,647 28,589 10,059 0,782 0,093 0,686 0,067 

BWRS 38,650 23,995 14,655 0,792 0,122 0,701 0,095 
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Going back to the model building procedure, after trying different alternatives, the 
flowsheet defined for the second step model converge and the initial base case is 
sucesfully built (Figure 5.8). 

 

 

Figure 5.8. Initial base case (second step model). 
 

5.1.3. Models’ predictions 

Model predictions are defined using a black box approach. Inlet and outlet streams 
such as feed, vent gas, product and bottoms are considered external streams and top 
vapour, and reflux are internal streams.  

𝐷𝑒𝑠𝑖𝑔𝑛 𝑉𝑎𝑝𝑜𝑢𝑟 𝑓𝑟𝑎𝑐𝑡𝑖𝑜𝑛 (𝑉𝐹𝐷) = 𝑡𝑉𝐷 =
𝟏. 𝟑𝟗𝟓

𝟐𝟏. 𝟗𝟕𝟔
= 𝟎, 𝟎𝟔𝟑𝟓 = 𝟔, 𝟑𝟓% (5.2) 

Figure 5.7. Design vapour fraction. W655 condenser data sheet. 
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For the first model, the feed stream loaded is defined in Table 5.13. Internal streams 
flow rate and mass fractions results are introduced in Table 5.14 and Table 5.15. The 
first model is capable to predict the internal streams flow rate with high accuracy. Both 
predictions have a very low relative error. In the case of mass fractions, the model is 
not so accurate predicting internal stream with lower concentrations of propylene and 
higher concentrations of ethylene. Propane content is not so different from the design. 

External streams flow rate and mass fractions are included in Table 5.16 and Table 
5.17. Flow rate predictions have very low relative error but mass fractions present 
considerable deviations specially for the propane content in product stream and 
propylene in bottoms. The other mass fractions predicted have relative error that goes 
from 5 to 10%. 

The predictions of other design specifications and key variables presented in Table 
5.18 are very similar to the ones defined in the basic engineering design except the 

duty requirements. The energy estimated both in the condensers and in the reboiler 
are lower for the model that the defined in the basic engineering design. 

These steady estate conditions are the starting point for the definitive model that 
includes the vent column attached to the reflux drum B655. 

 

Table 5.13. First model feed stream. 
 CARRIER GAS 

   

  Mass flow [kg/h] Mass fraction [%] 

Propylene 1748,00 93,40 

Ethylene 26,00 1,39 

Propane 97,50 5,21 

TOTAL 1871,50 100,00 

Pressure (bara) 15,5 

Temperature (ºC) 41,00 

Density (kg/m3) 474,2 

Phase Liquid 

 

Table 5.14. First model internal streams flow rate predictions. 

Stream 
Mass flow rate [kg/h] 

Relative error [%] 
Design Model 

Reflux 12.311,30 12.312,27 0,0079% 

Top vapor 12.360,60 12.361,57 0,0079% 
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Table 5.15. First model internal streams mass fractions predictions. 

Stream Components 
Mass fraction [%] 

Relative error [%] 
Design Model 

Reflux 

Propylene 96,69 79,68 17,59% 

Ethylene 1,49 19,08 1179,62% 

Propane 1,81 1,24 31,31% 

Top Vapour 

Propylene 96,48 79,56 17,54% 

Ethylene 1,68 19,20 1042,01% 

Propane 1,80 1,24 31,27% 

 

Table 5.16. First model external streams flow rate predictions. 

Stream 
Mass flow rate [kg/h] 

Relative error [%] 
Design Model 

Product 1.751,10 1.751,11 0,0006% 

Vent gas 49,30 49,30 0,0039% 

Bottom 71,10 71,09 0,0178% 

 

Table 5.17. First model external streams mass fractions predictions. 

Stream Components 
Mass fraction [%] 

Relative error [%] 
Design Model 

Product 

Propylene 97,17% 97,39% 0,23% 

Ethylene 0,10% 0,10% 1,17% 

Propane 2,74% 2,51% 8,25% 

Vent gas 

Propylene 47,22% 49,97% 5,83% 

Ethylene 46,64% 49,33% 5,76% 

Propane 0,77% 0,70% 8,62% 

Bottom 

Propylene 30,80% 25,16% 18,33% 

Ethylene 0,00% 0,00% - 

Propane 69,20% 74,84% 8,16% 
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Table 5.18. First model design specifications and other key variables. 

Variable Units Design Model 

Duties Summary (Condenser) kW 1944 1261,00 

Duties Summary (Reboiler) kW 2062 1256,00 

Reflux Ratio - 249,73 249,73 

Relux Ratio - Mod - 7,03 7,03 

Propylene mass recovery - Product % 97,34 97,57 

Propylene mass flow rate - Vent gas kg/h 24,60 24,64 

 
Next, the base case is tested. For this, three types of feed streams are defined and 

loaded in the model to check the predictions obtained. Each type defines one case of 
study (Table 5.19) and is basically characterized by the type of components included:  

✓ Feed Stream A (FSA)=Main hydrocarbons 

✓ FSB=Main hydrocarbons+Non-Condensable Gases (NCG) 

✓ FSC=Main hydrocarbons+NCG+C4-Hydrocarbons+Methane+Ethane 

 
Table 5.19. Feed streams flow rates and composition for the base case model. 

Component 
FSA FSB FSC 

Mass flow 
[kg/h] 

Mass 
fraction 

Mass flow 
[kg/h] 

Mass 
fraction 

Mass flow 
[kg/h] 

Mass 
fraction 

Propylene 1748,00 93,40% 1748,00 93,26% 1748,00 89,64% 

Ethylene 26,00 1,39% 26,00 1,39% 26,00 1,33% 

Propane 97,50 5,21% 97,50 5,20% 97,50 5,00% 

Nitrogen   2,00 0,11% 2,00 0,10% 

Hydrogen   0,90 0,05% 0,90 0,05% 

Methane     5,20 0,27% 

Ethane     5,20 0,27% 

n-Butylene     65,14 3,34% 

TOTAL FLOW 1871,50  1874,40  1949,94  

 

The case of study A easily get to a steady state solution. The internal streams flow 
rate results (Table 5.20) are very similar to the design flows and without meaningful 
variations between all the FP analysed. Each prediction relative error (relative to the 
design value) is reported in parenthesis to the right of the model estimation. Internal 
streams mass fractions (Table 5.21) are also quite similar for both streams and almost 
all the FP. The best fit is obtained with the PR FP and the higher deviation is produced 
using the BWRS FP. 
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Product and bottom predicted flow rates are similar to the design. Vent gas flow rate 
is different introducing a higher deviation from the design (Table 5.23). For all the FP 
analysed the base case model predict almost the same flow rate for the last. The 
results obtained for mass fractions vary for each stream and FP. The product 
composition (Table 5.22) is very accurate with the best fit produced by SRK FP 
followed by PRSV, PR and the finally BWRS that has the highest relative error. Bottom 
stream composition is well predicted only by SRK FP, the others are far from the 
design. Vent gas composition has the highest relative error for compositions 
predictions among all external streams.  

The specifications and key variables predicted are mostly different from the design 
(Table 5.24). Only the reboiler duty, the top vapour temperature, the reflux ratio, the 
propylene mass recovery are predicted with low relative error (less than 5%). The other 
variables and parameters are predicted with a high relative error (more than 15%). 

For the case of study with the feed stream option B, it was not possible to converge 
the flowsheet using the BWRS FP. Therefore, no results are reported for this 
alternative. The predictions obtained for the internal streams flow rate and composition 
are very good (Table 5.25 and Table 5.26). The flow rates are predicted identically by 
all the FP analysed. The compositions results show very good results for all FP in 
general with the best predictions obtained with PR.  

The external streams flow rates and compositions for case B have less relative error 
compared to the option A (Table 5.27 and Table 5.28). For all flow rates the three FP 
alternatives predict results around the same value. For the mass fractions, some 
values are best fitted by PR and other by SRK. 

Specifications and design variables are estimated with less error as can be seen in 
Table 5.29. The reboiler duty, the top vapour temperature, the reflux ratio, and the 
propylene mass recovery has the best fit of all the analysed variables with an error less 
than 5%. 

 For the last case of study including feed streams option C, the internal streams flow 
rates are very good predicted by the model showing a relative error less than 0,5% 
(Table 5.32). Mass fractions are not the best predictions of all cases and the relative 
error reported is the highest, especially using BWRS as FP. 

External streams flow rates (Table 5.32) in this case of study are also very well 
predicted. Product mass fractions predictions have an acceptable fit except for the 
added components in this case of study (methane and ethane). SRK predict the more 
accurate values and BWRS report the higher deviation. For the vent gas stream, the 
estimations are very good, except for predicting the propane content. For this stream 
PR seems to have the best results and BWRS report higher deviation. For the bottom 
stream SRK have a very good fitting and the others FP are not so accurate. 

Results obtained estimating the other design specs and variables report that only 
for the reboiler duty, the top vapour temperature in K655, the bottom temperature, 
reflux ratio, propylene mass recovery, and propylene mass flow rate in vent gas the 
model predict values with a relative error less than 5%. The other variables and 
parameters have higher deviation from the design. 
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5.1.4. Model adjustment 

Table 5.35 and Table 5.36 report the error obtained modelling the three cases of 
study. The first is a comparison between Mean Square Error that is usually used to 
assess model’s fitting and an alternative Mean Square Relative Error. For the MSE, 
the magnitude order difference can be noted compared to the MSRE (MAI) that reduce 
this difference when comparing a deviation from the design in a flow rate and a 
deviation in a bounded variable as a mass fraction. These results show that the MAI 
reduce these differences and provide a better evaluation of the error introduced by 
different types of variables. Analysing the MAI, the option with the lower value is the B, 
and the FP that introduces the minimum error is PR. 

Comparing results obtained from the Root Mean Square Error (RMSE) and Root 
Mean Square Relative Error (RMSRE) the conclusions are similar: the lower value is 
obtained for the option B using PR as the FP. Here, can be noted the same effect 

previously mentioned using absolute error or relative error to compute the model 
adjustment comparing different types of variables (bounded and unbounded ones). 

 

Table 5.35. Model adjustment. Comparison MSE and MSRE. 

Feed 
Stream 

MSE MAI=MSRE 

PR SRK BWRS PRSV PR SRK BWRS PRSV 

FSA 63.138,2 64.869,4 22.647,3 67.425,9 0,13 0,15 0,64 0,16 

FSB 12.514,4 12.668,0 - 13.136,5 0,06 0,06 - 0,07 

FSC 814,0 816,9 818,3 899,3 1,61 1,65 2,21 2,74 

 

Table 5.36. Model adjustment. Comparison RMSE and RMSRE. 

Feed 
Stream 

RMSE RMSRE 

PR SRK BWRS PRSV PR SRK BWRS PRSV 

FSA 251,3 254,7 150,5 259,7 0,3 0,4 0,8 0,4 

FSB 111,9 112,6 - 114,6 0,2 0,2 - 0,3 

FSC 28,5 28,6 28,6 30,0 1,3 1,3 1,5 1,7 

  

With the best model base case, the design temperature profile per stage is built and 
can be seen in Figure 5.9. PR, SRK and PRSV predicts a profile very similar which for 
trays located upper the 50 matches with the design profile but for lower trays is not the 
case. BWRS profile trend for the first 5 trays is similar to the design but does not match 
in values. 
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Figure 5.9. Case of Study B. Column temperature profile. 

 

5.2. Real Plant Data 

5.2.1. Experimental results 

The results obtained for composition estimation based on the mixture temperature 
are shown in Table 5.37. The PPIII C3-Splitter operating pressure is about 10 barg and 
the true boiling point temperature (TBP) for pure components at this pressure is 
included at the top of the table. Right below these data, the mixture temperature 
reported by the DCS for bottom and product streams, the composition measures 
reported by the gas chromatography (GC) analysers, and the values estimated using 
the binary mixture equilibrium diagram are reported. Figure 5.10 show the 
methodology applied for the mixture temperature measured in the product stream. The 
temperature is 23,6ºC and with the help of equilibrium diagram from Aspen Plus® the 
composition of the mixture is graphically obtained in mole fraction (Figure 5.10). The 
relative error is reported in parenthesis below the estimated value. In general, the 
method is not very accurate predicting the compositions. Compared with the 
concentrations reported by the GC analysers the error reported by this method is high. 
This approach presents the disadvantage that in the bottoms, other components are 
present being not possible to assume a binary mixture. Applying this method in PPII, 
the mixture temperature was located out of the interval defined between the pure 
components boiling point. 

The second approach results are introduced in Table 5.37. The methodology report 
compositions in mole fractions for every sample provided and previously codified. It is 
important to note that the splitter liquid feed stream (ALIM-01) has a mole fraction of 
94,56%m/m. The 101 stages in the main tower at the real operation condition produces 
a distilled with a 96,00%m/m meaning that the splitter increase the propylene fraction 

only by 1,44%. In a distillation column in which the product is extracted by the top and 
comes from the same reflux drum, the main product content is the same in the distilled 
stream and in the reflux stream. In this case, the distilled product is a side stream 
drawn off from tray Nº95 after introducing the reflux in tray Nº100. Observe that the 
reflux (R100-01) mole fraction is 93,38% and in the product is 94,56%. This means 
that in 5 trays, that liquid stream is capable to increase the propylene content from 
93,38% to 94,56%. 
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Table 5.37. Composition estimation from mixture temperature in PPIII. 
  

TBP at 11 bara [ºC] 
Propylene: 22,48   

  Propane: 30,36   
       

  Date 03/11/2022 04/11/2022 

  Stream Product Bottom Product Bottom 

  Mixture temperatura [ºC] 23,6 30,16 22,9 28,79 

G
C

 

[%
v
/v

] P&ID Tag Q86104 Q86103 Q86104 Q86103 

Propylene 94,87 43,45 94,95 48,46 

Propane 1,528 32,91 1,362 30,48 

E
s
ti
m

a
ti
o

n
 m

e
th

o
d

 

[%
m

/m
] 

Propylene 83,05 2,13 93,48 17,00 
 (12,5%) (95,1%) (1,5%) (64,9%) 

Propane 16,95 97,87 6,52 83,00 
 (1009,3%) (197,4%) (378,7%) (172,3%) 

[%
w

/w
] 

Propylene 82,38 2,04 93,19 16,33 
 (13,2%) (95,3%) (1,85%) (66,3%) 

Propane 17,62 97,97 6,81 83,68 
 (1053,1%) (197,7%) (400,0%) (174,5%) 

 

 

Figure 5.10. Composition estimated based on the mixture temperature in product 
stream. Mole fraction. 

 



Results and discussion. Real Plant Data.                                                                                                                      

X-AP3/2nQ23 

56/135 

Results also show that the main tower bottom contain water, isopropanol and 
mineral oil. These three components increase this stage bubble point temperature 
making not possible to assume a binary mixture to estimate the composition of bottom 
stream. Almost in all streams, propane and propylene fractions summation gives more 
than 99%. The exception is observed in the reflux stream from main tower condensers 
to tray Nº100 and bottom stream. Results showing the note ‘Out of sample’ means that 
the sample was volume was not enough for the determination of the component 
analysed. 

 

Table 5.38. Composition analysis results 

  Sample code 

  R049-01    
12:52 

R100-01 
11:34 

DEST-01 
10:32 

ALIM-01     
12:42 

FNDO-01 
12:13 

F
ra

c
ti
o

n
 (

g
a

s
) 

∑C6+ % N.D. N.D. N.D.  0,0292 3,30 

Methane % N.D. 0,004 N.D. 0,0003 N.D. 

Ethane % 0,023 1,32 0,04 0,08 N.D. 

Ethylene % 0,058 2,78 0,1 0,26 N.D. 

n-Propene % 5,37 2,50 3,91 5,04 63,48 

Propylene % 94,55 93,38 96,00 94,56 28,80 

Isobutane % N.D. N.D. N.D. 0,0006 0,066 

n-Butane % N.D. N.D. N.D. 0,0008 0,088 

t-2-Butene % N.D. N.D. N.D. 0,0002 0,023 

1-Butene % N.D. N.D. N.D. 0,0006 0,057 

iso-Butylene % N.D. N.D. N.D. 0,0003 0,136 

cis-2-Butene % N.D. N.D. N.D. 0,0080 0,136 

Neopentane % N.D. N.D. N.D. 0,0030 0,346 

Isopentane % N.D. N.D. N.D. N.D. 0,0006 

n-Pentane % N.D. N.D. N.D. 0,0013 0,161 

∑C5 % N.D. N.D. N.D. 0,0280 3,47 

∑Sulphur ppmv N.D. 0,5 N.D. N.D. N.D. 

Hydrogen ppmv 19 59 4 502 11 

CO2 ppmv 4 1 1 2 4 

CO ppmv N.D. N.D. N.D. 4 1 

1+2 Propanol ppmv 1 N.D. 1 273 11266 

Nitrogen ppmv 5 4 2 36 N.D. 

Water ppm OOS  - 75 130 144 

Oil OOS D N.D. N.D. D               

References: 

▪ D=Detected 

▪ N.D.=No detected 

▪ OOS=Out of sample 
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5.2.2. DCS data 

The main source of information to characterize real process was the recorded DCS 
historical data. Aspen Process Explorer® provided all the historic values to process it 
and calculate the required statistical information. 

Figure 5.11 and Figure 5.12 show results obtained processing data using both 
softwares. The first plots the recorded measured values including the average and 
standard deviation associated to the steady stated during the sampling period. The 
second plots the same variables trend during the sampling period but the statistical 
data is reported below in a summary table showing average and standard deviation 
among others. As can be seen, the vapour feed stream flow rate was in average of 
26,53 [m3/h] with a standard deviation of 2,10 and the liquid flow at 5,42 [m3/h] with a 
standard deviation of 0,54.  

 

 

Figure 5.11. Feed streams flow rate to distillation column. Microsoft ExceI® results. 

 

Figure 5.12. Feed streams flow rate to distillation column. Aspen Process Explorer® 
results. 
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The distillation column temperature profile was obtained from the DCS records. The 
average values obtained during the sampling period reported in Table 5.39 and Figure 
5.13. 

 

Table 5.39. Distillation column temperature profile. Real plant data. 

Tray Nº/Stage P&ID Tag Temperature [ºC] 

1 TI65101 49,5 

10 TI65102 49,5 

22 TI65103 42,6 

44 TI65104 40,8 

49 TIR65117 41,7 

50 TIR65118 40,7 

66 TI65105 41,2 

80 TI65106 41,5 

95 TI65107 40,8 

100 TIR65109 36,1 

 

 

Figure 5.13. Distillation column temperature profile. Real plant data. 

 

The same methodology was boarded to extract from the InfoPlus.21® servers all 
the other variables needed (Table 5.8) to build the PFD real plant version. 

 

5.2.3. Utilities estimation 

Estimate utilities during the sampling period was possible. Utilities exchanging 
sensible heat (cooling water) was the easiest to estimate but those exchanging latent 
heat (low pressure steam and refrigeration propylene) was made under a main 
assumption. 
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The duty related to the cooling water was a simple and direct calculation using inlet 
and outlet temperatures and flow rate. These three variables’ values were extracted 
from the DCS records. For the other two, it was important to stablish if all the available 
latent heat was exchanged or not analysing the outlet stream to compute it in the 
calculations. For the low-pressure stream, the determination of the outlet temperature 
as an indication of fully condensed or subcooled liquid at the outlet of the reboiler was 
boarded. The outlet stream has no temperature measurement but for turbulent flow 
inside metal pipes, wall temperature is very close to the fluid outlet temperature. Using 
the instrument showed in Figure 5.14 the wall temperature was measured obtaining at 
the inlet around 106ºC and at the outlet around 95ºC. Low pressure steam (5 bar) has 
a temperature of 150ºC, and the temperature measured cannot be used to estimate 
the vapour title at the outlet. Then, after this preliminary test, both utilities were 
calculated assuming that all the available laten heat was exchanged during the 
operation.  

Table 5.40, Table 5.41 and Table 5.42 report the results obtained calculating the 
real plant duty. The main tower condenser is composed by two heat exchangers, A 
and B, each with thermocouples installed at the inlet and outlet cooling waters streams. 
Both exchange a total heat of 235,05kW. The reboiler duty during the sample extraction 
was around 514,20kW and the vent condenser duty of 30,39kW.  

All the data used to estimate the latent heat of every fluid at the operating conditions 
were extracted from NIST database. 

 

Figure 5.14. Wall temperature measurement. (a) Surface probe. (b) W656 
reboiler.  

 

(a) (b) 
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Table 5.40. Cooling water consumption. Main condenser real plant duty. 

CONDENSER - W655 

Variable A B 

Cooling water flow rate [m3/h] 460,62 

Inlet temperature [ºC] 22,3 

Outlet temperature [ºC] 22,38 22,66 

Density [kg/m3] 998,18 

Heat capacity [kJ/kgK] 4,18 

Single duty [kW] 44,09 190,92 

Duty [kW] 235,02 

 

Table 5.41. Low pressure steam consumption. Reboiler real plant duty. 

REBOILER - W656 

 Variable Value 

Steam flow [kg/h] 837,27 

Operating pressure [bar] 1,80 

Saturated liq ent [kJ/kg] 490,51 

Saturated vap ent [kJ/kg] 2701,40 

Latent heat of vap [kJ/kg] 2210,89 

Duty [kW] 514,20 

 

Table 5.42. Propylene refrigerant consumption. Vent condenser real plant duty. 

CONDENSER - W659 

Variable Value 

Propylene_REF Flow [kg/h] 255,76 

Inlet temperature [ºC] 21,04 

Inlet pressure [bar] 17,50 

Outlet temperature [ºC] -39,00 

Outlet pressure [bar] 1,49 

Latent heat of vap [kJ/kg] 385,20 

Duty (HAND) [kW] 30,39 

 

5.2.4. Condensers outlet vapour fraction estimation 

Vapour fraction at the condenser outlet is a relevant parameter to check. In the 
modelling process it was noticed that this value varies depending on the FP selected 
to predict the properties in this particular system composed by two components to 
separate with a very close relative volatility. 

Stage 1 and 2 results can be seen in Figure 5.15 and Figure 5.16. Here, the time 
evolution of the G2 and G3 are introduced. Markers in red shown the data measured 
and recorded by the flowmeters. The dashed blue line represents the average value 
for each variable during the steady state period. Analysing the plots, the reflux flowrate 
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(G2) remains practically stable during the test. On the other hand, vent gas stream 
goes under a transient state starting in zero (stage 1) to finally reach an approximately 
constant value (new steady state in stage 2). G2 in stage 2 and 3 has the same value: 
4933,98 ± 128,91 [kg/h]. G3 in stage 1 in the period analysed is zero and in stage 2 is 
90,02 ± 1,49 [kg/h]. 

The vapour fraction obtained is included in Figure 5.16. Comparing this with the 
design, the condensers in real plant exchange a higher amount of heat condensing 
more vapour. 

The stage 3 is more detailed and involves more variables than stage 2 and is 
characterized by a bigger group of variables. Figure 5.17 define variables involved and 
instrumentation installed. Figure 5.18 show the time evolution of all the variables in one 
plot using Microsoft Excel® and in Figure 5.19 the same data but from Aspen Process 
Explorer®. 

In Figure 5.18 the whole process time evolution can be identified. First, the initial 
conditions were the reflux drum level at the 30%. Previous night, the reflux level was 
decreased from the usual value of 50% to 30% to have a higher range to increase it 
during the stage 3 (from 30% to 70%). Then, between 6:15 and 6:30 the propylene 
refrigerant valve is fully closed (the instrumentation reports a signal higher than zero 
but the valve was completely closed). Around 8:00, the system reaches thermal 
equilibrium reporting both outlet streams temperature the same value (Figure 5.20). 
Without refrigerant flowing inside the vent column condenser, the vapour stream is no 
longer going back as a liquid stream to the column and leaves the column by the top. 
Around 9:00 the vent gas stream flowmeter starts to report an increasing outlet flow 
rate, around 10:45 where this stabilizes around 90 kg/h which is the vapour phase 
coming originally from the main tower condensers. Simultaneously, the reflux flow rate 
stabilizes around 4250 kg/h which is the liquid phase from the main condensers.  

 

 

Figure 5.15. Flowrate of liquid phase from reflux drum. 
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Figure 5.16 . Flowrate of gaseous phase leaving vent column. 
 

 

 

Figure 5.18. Variables time evolution during the stage 3. Microsoft Excel® plots. 
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Figure 5.19. Variables profile during stage 3. Aspen Process Explorer® plot and table. 
 

Once all the system operate in the new steady state, the last transient state 
modifying the drum level starts. Close to 11:45 the reflux flow rate is reduced in a 50% 
(despite the instrumentation reports zero) to avoid drying completely the column trays. 
At this moment and as the inlet flow rate to the reflux drum remains in the same value, 
the drum level starts to increase with a constant rate (constant slope) meaning a 
constant inlet flow rate until around 13:00 when the drum level reaches the maximum 
value of 70%. 

 

 
Figure 5.20. G2 and G3 outlet streams temperature time evolution. 
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Figure 5.21 and Figure 5.22 shows the instant real value of G2 and G3 respectively, 
before reducing the reflux flow rate. Green lines represent transient state that are not 
considered as part of the stationary state and therefore these points are not included 
in the average calculation. 

Figure 5.23 shows the level variation during the transient state, from 30 to 70%. 
Green lines are points that does not belong to the transient state of interest. Blue line 
is the points that belongs to the transient state that identifies the stage 3. 

 

 
Figure 5.21.  Vent gas flow rate average value. 
 

 
Figure 5.22. Reflux flow rate average value. 
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Figure 5.23. Level variation in the transient state in stage 3. 
 

In the Figure 5.23 the boundary conditions of the transient state can be checked. 
The calculation sheet in Figure 5.24 stablish the volume of an horizontal tank with 
torispherical heads as a function of the height. Using the Equation (4.11 the inlet flow 
rate was calculated and the results are summarized in Table 5.43. According to this 
method, the liquid phase coming from the main tower condensers has a flow rate of 
4514,50 kg/h. 

Table 5.44 summarize all the results obtained to establish the vapour fraction in the 
real plant. The values estimated by each method are of the same magnitude order with 
a vapour fraction that goes from 1,79 to 2,25% compared with the design value of 
6,35%, meaning that effectively the main condensers exchange more heat than the 
required by design. 

 

Table 5.43. Stage 3 results summary 

  Time [min] Level [%] Level [m] Volume [m3] 

Initial time t=0 340,87 29,34 0,5867 3,3340 

Ending time t=tf 425,25 70,13 1,4027 10,4423 

∆t(final - start) [min] 84,37 40,80 0,8159 7,1083 

∆t [h] 1,41    

∆v [m3]/∆t [h] 5,05 (ρREF [kg/m3] = 483)  

G1L[kg/h] 4514,50    
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Figure 5.24. Volume calculation sheet for 
horizontal tanks with torispherical head. 
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5.2.5. Composition estimation of gas phase from W392 

The carrier gas phase separation was modelled using the flowsheet defined in 
Figure 5.25. Assuming both phases are in equilibrium, for specific temperature and 
pressure operating conditions and composition of the liquid phase, the vapour phase 
composition is only one and is fully determined by the liquid-vapour equilibrium. 

 
Table 5.44. Results summary of vapour fraction tests 

Date Stage 
G1L G1V Vapour 

fraction AVG   SD AVG   SD 

Design - 21976,00 ± - 1395,00 ± - 6,35% 

12/21/2022 2 4933,98 ± 128,91 90,02 ± 1,49 1,79% 

12/23/2022 2 4145,95 ± 119,76 95,64 ± 1,82 2,25% 

12/23/2022 3 4514,50 ± - - ± - - 

 

 
Figure 5.25. Carrier gas phase separation in heat exchanger W392. 

 

W392 operating pressure is measured (17,98 bara) but the temperature it is not. 
Then, using the Sensitivity module (Figure 5.26) in the Model Analysis Tools, the 
system temperature was manipulated from 41 and 44ºC to find the liquid phase with 
the same composition reported in Table 5.38. These results can be seen in Figure 
5.27. This temperature is loaded in the input of W392-2 and the mass fractions 
obtained in the stream INCOND is the composition of the vapour phase and are 
introduced in Table 5.45. 
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Figure 5.26. Sensitivity analysis input from Aspen Plus® v.12. 

 

 
Figure 5.27. Temperature results from the sensitivity analysis. 
 

Table 5.45. W392 gas phase mass fractions. 

CARRIER GAS - LINE I 

Component Mass fraction 

Methane 0,23544% 

Ethane 0,17494% 

Ethylene 0,32707% 

n-Propane 4,51725% 

Propylene 94,74067% 

Isobutane 0,00024% 

n-Butane 0,00031% 

t-2-Butene 0,00010% 

1-Butene 0,00024% 

iso-Butylene 0,00012% 

cis-2-Butene 0,00263% 

Neopentane 0,00082% 

Isopentane 0,00000% 

n-Pentane 0,00018% 
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The system propane/propylene is well known by the small difference in relative 
volatility that make this system a big challenge to separate. A side finding from this 
simulation is shown in Figure 5.28, according to Aspen Plus® results the liquid stream 
can convert into a vapour stream just by heating from 43,20ºC to 43,95. A control loop 
to control this temperature would be a true challenge considering the accuracy in the 
temperature measurement made by a thermocouple (Table 5.46). 

 

Figure 5.28. Vapour mass flowrate increasing the temperature. 

 

Table 5.46. Thermocouple accuracy by type and temperature. (Source: www.ni.com) 

Temperature 
[ºC] 

Type 

B E J K N R S T 

-200 - - - 3.0 3.0 - - 3.0 

-100 - - - 2.5 2.5 - - 1.5 

0 - 1.7 1.5 1.5 1.5 1.0 1.0 0.5 

200 - 1.7 1.5 1.5 1.5 1.0 1.0 0.8 
400 - 2.0 1.6 1.6 1.6 1.0 1.0 - 

600 1.5 3.0 2.4 2.4 2.4 1.0 1.0 - 

800 2.0 4.0 - 3.2 3.2 1.0 1.0 - 

1000 2.5 - - 4.0 4.0 1.0 1.0 - 

1200 3.0 - - 9.0 9.0 1.3 1.3 - 

1400 3.5 - - - - 1.9 1.9 - 

1600 4.0 - - - - 2.5 2.5 - 
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5.2.6. PFD real plant version 

All the information compiled in Section 4.2 define the PFD real plant version showed 
in Table 5.47. To the right of the table an additional column is added where an overall 
mass balance is performed to check consistency between inlets and outlets. The global 
mass balance of mass flows reports a difference of 40,47 kg/h. Comparing this with 
inlets and outlets total mass flows represents around a 1,05% of error and can be 
easily associated with the instrumentation measuring error despite the effort made to 
be reduce the error of the methodology applied in this project. 

It is important to highlight that propylene outlet is higher than the feed inlet. This 
produce a recovery higher than 100% which is not possible to accomplish. The 
deviation can also be associated with the product and feed flow rate measurement.  

The top vapour stream composition and flow rate was no possible to obtain but the 
basic operating conditions were measured and included in the PFD final version. 

One last very important parameter obtained is the global efficiency. With the feed 
stream fully defined in  

Table 5.48, the shortcut ditillation module from Aspen Plus® is used to establish the 
theoretical number of stages to produce the same distilled stream. The input loaded is 
sumarised in Table 5.49. The recoveries are again calculated with feed stream and 
product (distillate) flow rates and compositions. The reflux ratio is a controlled variable 
and was taken from the DCS records in the period analysed. The results are introduced 
in Table 5.50 reporting a real Global Efficiency around the 66%.  

5.3. Comparing design basic engineering and real plant operation 

The feed stream flow rate comparison is introduced in Table 5.51. The real plant 
feed flow rate is higher than the expected by design processing almost twice the flow 
it was designed for.  

The composition estimations for the case of the uncondensed feed stream (gas 
phase from W392) are not the real but are presented to compare the content and check 
it against the design. As can be seen in Table 5.52, the propylene content is quite 
similar but propane differs. All others components are present in a lower proportion 
compared with the design. The liquid phase feed (or condensed) content in propylene 
is higher and in propane lower. The rest of the component are more distributed but in 
traces. 

The internal streams flow rates comparison (Table 5.54) introduce the main 
difference in the operation. By design, the optimal operation point is obtained with a 
reflux rate of around 12.377,20 kg/h but in the real plant the column operates almost 
with the 50% of that value, 5.568,99kg/h. Higher reflux rate means higher energy 
consumption but also produce distilled more concentrated in the target component 
increasing product quality and purity. Top vapour flow rate were not stablished but is 
similar in magnitude to the reflux leaving the reflux drum.  

The reflux mass fractions are reported in Table 5.55. The internal streams content 
is slightly different but is composed by almost the same components except for 
hydrogen and nitrogen. Methane and ethane content is not the same for both as it was 
conceived in the design. 



Energy Optimization of a Propene-Propane Splitter (PPII plant)                 

X-AP3/2nQ23 

71/135 

  



Results and discussion. Comparing design basic engineering and real plant 
operation.                                                                                                                      

X-AP3/2nQ23 

72/135 

  

T
a

b
le

 5
.4

7
. 

P
ro

c
e

s
s
 F

lo
w

 D
ia

g
ra

m
 D

a
ta

. 
R

e
a
l 
p

la
n

t 
v
e

rs
io

n
. 

 



Energy Optimization of a Propene-Propane Splitter (PPII plant)                 

X-AP3/2nQ23 

73/135 

 
Table 5.48. Real plant feed flow rates, composition, and properties. 

Component Flow rate (kg/h) Mass fraction 

Methane 2,45 0,06% 

Ethane 3,28 0,09% 

Ethylene 7,98 0,21% 

n-Propane 184,21 4,81% 

Propylene 3631,64 94,82% 

Isobutane 0,02 0,00% 

n-Butane 0,03 0,00% 

t-2-Butene 0,01 0,00% 

1-Butene 0,02 0,00% 

iso-Butylene 0,01 0,00% 

cis-2-Butene 0,3 0,01% 

Neopentane 0,1 0,00% 

Isopentane 0 0,00% 

n-Pentane 0,05 0,00% 

Nitrogen 0 0,00% 

Hydrogen 0 0,00% 

   

Temperature (C) 32,23  

Pressure (bara) 18,51  

 

Table 5.49. Shortcut distillation input. Real plant data. 

Input Value 

Column specifications - Reflux ratio 1,45 

Pressure - Condenser [bara] 16,60 

Pressure - Reboiler [bara] 16,60 

Key components recovery in distillate - LK 0,9990 

Key components recovery in distillate - HK 0,7907 
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Table 5.50. Shortcut distillation results for real plant data. 

Variable/parameter description Value 

Minimum reflux ratio 0,23 

Actual reflux ratio 1,45 

Minimum number of stages 51,54 

Number of actual stages (theoretical) 65,37 

Feed stage 3,14 

Number of actual stages above feed 2,14 

Reboiler heating required [kW] 774,32 

Condenser cooling required [kW] 457,45 

Distillate temperature [ºC] 40,21 

Bottom temperature [ºC] 47,75 

Distillate to feed fraction 0,9893 

 
 

Table 5.51. Feed streams flow rates comparison. 

Mass flows [kg/h] 

Stream Design Process Data 

Uncondensed 610,80 1039,27 

Condensed 689,20 2790,82 

Total feed 1949,94 3830,10 

 

Focusing on the external streams, Table 5.56 and Table 5.57 board the comparison 
of flow rates and mass fractions respectively. Flow rates are quite different in both 
scenarios. During the sampling period, no vent gas was reported by the flow meter. 
The product flow rate extracted is more than twice the design value and the bottom 
stream flow rate is lower. It is possible to identify that heavier compounds are present 
in the bottom stream and the lighter can be found in the top stream. The product 
propylene content is lower than the imposed in the design with a bit lower purity due 

to a propane higher amount. In general, all the components are present in a similar 
amount compared with the design. The bottom is composed by no heavy hydrocarbons 
and by more propane that in the design. 
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Table 5.52. Uncondensed feed stream compositions comparison. 

Stream Components 
Mass fractions Relative error 

[%] Design Process Data 

Uncondensed Methane 0,6385% 0,2354% (63,13%) 

 Ethane 0,6385% 0,1749% (72,60%) 

 Ethylene 4,2567% 0,3271% (92,32%) 

 n-Propane 0,0000% 4,5173% - 

 Propylene 94,1552% 94,7407% (0,62%) 

 Isobutane 0,0000% 0,0002% - 

 n-Butane 0,0000% 0,0003% - 

 t-2-Butene 0,0000% 0,0001% - 

 1-Butene 0,0000% 0,0002% - 

 iso-Butylene 0,0000% 0,0001% - 

 cis-2-Butene 0,0000% 0,0026% - 

 Neopentane 0,0000% 0,0008% - 

 Isopentane 0,0000% 0,0000% - 

 n-Pentane 0,0000% 0,0002% - 

 Nitrogen 0,2128% 0,0000% (100,00%) 

  Hydrogen 0,0982% 0,0000% (100,00%) 

 

Considering other specifications and operation variables introduced in Table 5.58, 
the real plant energy consumption is lower which can be explained due to the lower 
reflux rate in the main tower. In general, all the utilities consumption are lower in the 
real plant than in the design. The top vapour temperature, the reflux temperature and 
the bottoms temperature reports a lower value. The propylene mass recovery in the 
side stream product is higher than the 100% which is not possible and must have 
included the error introduced by the methodology applied to characterise the real plant 
data and the instrumentation as well. The propylene mass fraction in bottom is higher 
in the real plant that in the design but it is important to have in mind that the flow rate 
is much lower in the real plant than in the design. The vapour fraction in the real plant 

is lower and can be assigned to higher energy consumption compared with the 
designed condenser performance. No vent gas flow rate was reported meaning no 
propylene losses was registered.  

The vent column reflux is the liquid phase that comes from the vent condenser and 
ends in the reflux drum to then go back as reflux to the main tower. If the vent 
condenser is operating normally no vent gas leaves the vent column. If the condenser 
does not operates the vent gas stream is more than zero and was estimated around 
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90,60kg/h in the vapour fraction test section (5.2.4). This reflux represents the less 
than the 10% of the defined in the original design. A similar analysis can be made to 
estimate the vent column tray 1 vapour and liquid flow rates. 

 
Table 5.53. Condensed feed stream compositions comparison. 

Stream Components 
Mass fractions 

Relative error [%] 
Design Process Data 

Condensed Methane 0,0000% 0,0002% - 

 Ethane 0,0000% 0,0523% - 

 Ethylene 0,0000% 0,1642% - 

 n-Propane 9,4312% 4,9182% (47,85%) 

 Propylene 81,1085% 94,8476% (16,94%) 

 Isobutane 0,0000% 0,0006% - 

 n-Butane 0,0000% 0,0009% - 

 t-2-Butene 0,0000% 0,0002% - 

 1-Butene 9,4602% 0,0007% (99,99%) 

 iso-Butylene 0,0000% 0,0003% - 

 cis-2-Butene 0,0000% 0,0096% - 

 Neopentane 0,0000% 0,0034% - 

 Isopentane 0,0000% 0,0000% - 

 n-Pentane 0,0000% 0,0016% - 

 Nitrogen 0,0000% 0,0000% - 

 Hydrogen 0,0000% 0,0000% - 

 

Table 5.54. Internal streams. Flow rates comparison. 

Stream 
Mass flows [kg/h] 

Design Process Data Relative error [%] 

Top Vapour 12439,00 - - 

Reflux 12377,20 5568,99 (55,23%) 
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Table 5.55. Internal stream. Compositions comparison. 

Stream Components 
Mass fractions 

Relative error [%] 
Design Process Data 

Reflux Methane 0,2589% 0,0020% (99,21%) 

 Ethane 0,2589% 0,9168% (254,07%) 

 Ethylene 1,4834% 1,7949% (21,00%) 

 n-Propane 1,7969% 2,4715% (37,55%) 

 Propylene 96,1873% 94,8148% (1,43%) 

 Isobutane 0,0000% 0,0000% - 

 n-Butane 0,0000% 0,0000% - 

 t-2-Butene 0,0000% 0,0000% - 

 1-Butene 0,0000% 0,0000% - 

 iso-Butylene 0,0000% 0,0000% - 

 cis-2-Butene 0,0000% 0,0000% - 

 Neopentane 0,0000% 0,0000% - 

 Isopentane 0,0000% 0,0000% - 

 n-Pentane 0,0000% 0,0000% - 

 Nitrogen 0,0113% 0,0000% (100,00%) 

 Hydrogen 0,0032% 0,0000% (100,00%) 

 

Table 5.56. External streams. Flow rates comparison. 

Stream 
Mass flows [kg/h] 

Design Process Data Relative error [%] 

Product 1751,80 3829,75 (118,62%) 

Vent Gas 61,80 0,00 (100,00%) 

Bottom 136,24 40,82 (70,04%) 
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Table 5.57. External streams. Mass fractions comparison. 

Stream Components 
Mass fractions 

Relative error [%] 
Design Process Data 

Product Methane 0,02% 0,00% (100,00%) 

 Ethane 0,02% 0,03% (36,71%) 

 Ethylene 0,10% 0,06% (35,01%) 

 n-Propane 2,73% 3,80% (39,08%) 

 Propylene 97,13% 96,11% (1,05%) 

 Isobutane 0,00% 0,00% - 

 n-Butane 0,00% 0,00% - 

 t-2-Butene 0,00% 0,00% - 

 1-Butene 0,00% 0,00% - 

 iso-Butylene 0,00% 0,00% - 

 cis-2-Butene 0,00% 0,00% - 

 Neopentane 0,00% 0,00% - 

 Isopentane 0,00% 0,00% - 

 n-Pentane 0,00% 0,00% - 

 Nitrogen 0,00% 0,00% - 

 Hydrogen 0,00% 0,00% - 

Bottom Methane 0,00% 0,00% - 

 Ethane 0,00% 0,00% - 

 Ethylene 0,00% 0,00% - 

 n-Propane 36,11% 67,31% (86,40%) 

 Propylene 16,07% 31,41% (95,39%) 

 Isobutane 0,00% 0,08% - 

 n-Butane 0,00% 0,11% - 

 t-2-Butene 0,00% 0,03% - 

 1-Butene 47,81% 0,07% (99,85%) 

 iso-Butylene 0,00% 0,17% - 

 cis-2-Butene 0,00% 0,18% - 

 Neopentane 0,00% 0,43% - 

 Isopentane 0,00% 0,00% - 

 n-Pentane 0,00% 0,21% - 

 Nitrogen 0,00% 0,00% - 

 Hydrogen 0,00% 0,00% - 
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Table 5.58. Other specifications and operation variables comparison. 

Variable Units Design Process Data 
Relative error 

[%] 

Condenser duty - W655A/B kW 1277,00 235,02 (81,60%) 

Reboiler duty - W656 kW 1062,00 514,20 (51,58%) 

Vent condenser duty - W659 kW 111,00 30,39 (72,62%) 

Top vapour temperature - K655A/B ºC 38,30 36,08 (5,81%) 

Bottom temperature - K655A/B ºC 64,00 49,45 (22,73%) 

Reflux temperature - K655A/B ºC 34,10 26,13 (23,36%) 

Reflux Ratio - K655A/B  200,28 - - 

Relux Ratio - Mod - K655A/B  7,07 1,45 (79,42%) 

Propylene mass recovery – Product 
stream K655A/B 

%m/m 97,34 101,35 (4,12%) 

Propylene mass fraction – Bottom 
stream K655A/B 

%m/m 16,07 31,41 (95,39%) 

Vapour fraction – W655AB Outlet 
stream 

%m/m 6,35 1,82 - 2,31 (63,62%) 

Propylene mass flow – Vent gas 
stream K655A/B 

kg/h 24,60 0,00 (100,00%) 

Reflux Ratio - K656 m/m 16,47 - (100,00%) 

Reflux rate K656 – Tray 7 – K656 kg/h 1018 90,60 (91,10%) 

Tray 1 – Vapour rate – K656 kg/h 1395 ca 90,60 - 

Tray 1 – Liquid rate – K656 kg/h 1247 ca 90,60 - 

Bottom stream temperature – K656 ºC 34,00 - - 

Global efficiency % 56 66  

 

Comparing global efficiencies, the real plant show the highest. The design feed 
stream has a lower propylene content including C4 heavy HC compared to the actual 
feed stream that has traces of heavy HC. This is attributed to the fresh propylene 
polymer grade that is used nowadays (Table 5.59). Other factor is the recovery 
imposed to the shortcut distillation for both cases. The better the separation of 
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components in the distillation, the higher the purity in LK and HK components in 
distilled and bottom stream respectively, the greater the number of theoretical stages 
required and the greater the column global efficiency compared with the actual number 
of trays installed in plant. 

 

Table 5.59. Polymer grade propylene supplied by the provider. 

01/09/2022-29/09/2022 

Ethane 
[% mole] 

Ethylene 
[% mole] 

Propane 
[% mole] 

Propileno  
[% mole] 

Agua  
[ppm] 

0,0437 0,0005 0,2163 99,7385 0,09 

 

The temperature profile for both cases is reported in Figure 5.29. From the tray Nº20 
to Nº95 the real plant follows a profile very similar to the design. In bottoms, the design 
temperature include heavy hydrocarbons and is expected that the temperature is 
higher than without them. In top section, the decreasing temperature can be assigned 
to the reflux temperature that is quite lower that the top vapour temperature in real 
plant data. 

 

 
Figure 5.29. Distillation temperature profile comparison. 
 

5.4. Model calibration with real plant data 

The model calibration is made by updating the inputs of the base case (Figure 5.8) 
with the data defined in Table 5.47 that are inputs required to build the simulation. In 
addition to inputs as flow rates, compositions and operating conditions, the column is 
also updated with the global efficiency obtained for real plant conditions as shown in 
Figure 5.30. 
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Figure 5.30. HYSYS ® efficiency tuning view for the distillation column. Group A and 
B correspond to enrichment and rectification section respectively. 

 

In general, the model predict the real data very accurate. The internal streams 
predictions are very close to the observed value (Table 5.60). The reflux compositions 
are not very accurate but are predicted around the magnitude order observed (Table 
5.61). The top vapour flow rate and compositions (Table 5.62) in the real plant has no 
instrumentation installed for flow measurement at the time of this project but it was 
interesting to include the predictions to have at least and indications of what this should 
be.  

The external stream flow rates were also well predicted as can be noted in Table 
5.63. Despite the error is not low but the product concentration in particular is very 
accurate compared with the real data (Table 5.64). For the vent gas stream the 
predictions are also included just to provide an estimation of flow rates and 
compositions (Table 5.65). Last, for the bottom stream and as the assumption was to 
neglect the heavy components, these concentration were not predicted by the model. 
Even though, these are present as traces in the bottom real data (Table 5.66). 
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Table 5.60. Real plant internal streams flow rates. Model predictions compared with 
observed values. 

 Mass flows [kg/h] 
Relative error [%] 

Stream Observed Predicted 

Top Vapour 0,00 5528,07 - 

Reflux 5568,99 5568,99 (0,00%) 

 

Table 5.61. Real plant reflux mass fractions. Model predictions compared with 
observed values. 

Stream Components 
Mass fractions 

Relative error [%] 
Observed Predicted 

Reflux Methane 0,0020% 0,0001% (95,45%) 

 Ethane 0,9168% 0,0148% (98,39%) 

 Ethylene 1,7949% 0,0037% (99,79%) 

 n-Propane 2,4715% 3,9209% (58,64%) 

 Propylene 94,8148% 96,0605% (1,31%) 

 Isobutane 0,0000% 0,0000% - 

 n-Butane 0,0000% 0,0000% - 

 t-2-Butene 0,0000% 0,0000% - 

 1-Butene 0,0000% 0,0000% - 

 iso-Butylene 0,0000% 0,0000% - 

 cis-2-Butene 0,0000% 0,0000% - 

 Neopentane 0,0000% 0,0000% - 

 Isopentane 0,0000% 0,0000% - 

 n-Pentane 0,0000% 0,0000% - 

 Nitrogen 0,0000% 0,0000% - 

  Hydrogen 0,0000% 0,0000% - 
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Table 5.62. Real plant top vapour mass fractions. Model predictions compared with 
observed values. 

Stream Component  
Mass fractions 

Relative error [%] 
Observed Predicted 

Top vapour Methane 0,0000% 0,0000 % - 
 

Ethane 0,0000% 0,0544% - 
 

Ethylene 0,0000% 0,1120% - 
 

Propane 0,0000% 3,7800% - 
 

Propylene 0,0000% 96,0129% - 
 

Isobutane 0,0000% 0,0000% - 
 

n-Butane 0,0000% 0,0000% - 
 

t-2-Butene 0,0000% 0,0000% - 
 

n-Butylene 0,0000% 0,0000% - 
 

iso-Butylene 0,0000% 0,0000% - 
 

cis-2-Butene 0,0000% 0,0000% - 
 

Neopentane 0,0000% 0,0000% - 
 

Isopentane 0,0000% 0,0000% - 
 

n-Pentane 0,0000% 0,0000% - 
 

Nitrogen 0,0000% 0,0000% - 

  Hydrogen 0,0000% 0,0000% - 

 

Table 5.63. Real plant external streams flow rates. Model predictions compared with 
observed values. 

Stream 
Flow rates [kg/h] 

Relative error [%] 
OBSERVED PREDICTED 

Product 3829,75 3829,75 (0,00%) 

Vent Gas 0,00 37,66 - 

Bottom 40,82 40,29 (1,28%) 

 

  



Results and discussion. Model calibration with real plant data.                                                                                                                      

X-AP3/2nQ23 

84/135 

Table 5.64. Real plant product mass fractions. Model predictions compared with 
observed values. 

Stream Components 
Mass fractions 

Relative error [%] 
Observed Predicted 

Product Methane 0,0000% 0,0100% -  
Ethane 0,0300% 0,0300% (14,29%)  
Ethylene 0,0600% 0,0500% (17,30%)  
n-Propane 3,8000% 4,7200% (24,19%)  
Propylene 96,1100% 95,1900% (0,96%)  
Isobutane 0,0000% 0,0000% -  
n-Butane 0,0000% 0,0000% -  
t-2-Butene 0,0000% 0,0000% -  
1-Butene 0,0000% 0,0000% -  
iso-Butylene 0,0000% 0,0000% -  
cis-2-Butene 0,0000% 0,0000% -  
Neopentane 0,0000% 0,0000% -  
Isopentane 0,0000% 0,0000% -  
n-Pentane 0,0000% 0,0000% -  
Nitrogen 0,0000% 0,0000% -  
Hydrogen 0,0000% 0,0000% - 

 
Table 5.65. Real plant vent gas mass fractions. Model predictions compared with 
observed values. 

Stream Components 
Mass fractions 

Relative error [%] 
Observed Predicted 

Vent Gas Methane 0,0000% 6,0902% -  
Ethane 0,0000% 15,4981% -  
Ethylene 0,0000% 37,0983% -  
n-Propane 0,0000% 0,7450% -  
Propylene 0,0000% 40,5684% -  
Isobutane 0,0000% 0,0000% -  
n-Butane 0,0000% 0,0000% -  
t-2-Butene 0,0000% 0,0000% -  
1-Butene 0,0000% 0,0000% -  
iso-Butylene 0,0000% 0,0000% -  
cis-2-Butene 0,0000% 0,0000% -  
Neopentane 0,0000% 0,0000% -  
Isopentane 0,0000% 0,0000% -  
n-Pentane 0,0000% 0,0000% -  
Nitrogen 0,0000% 0,0000% -  
Hydrogen 0,0000% 0,0000% - 
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Table 5.66. Real plant bottom mass fractions. Model predictions compared with 
observed values. 

Stream Components 
Mass fractions 

Relative error [%] 
Observed Predicted 

Bottom Methane 0,0000% 0,0000% - 
 

Ethane 0,0000% 0,0000% - 
 

Ethylene 0,0000% 0,0000% - 
 

n-Propane 67,3125% 68,1843% (1,30%) 
 

Propylene 31,4089% 31,8157% (1,30%) 
 

Isobutane 0,0777% 0,0000% - 
 

n-Butane 0,1075% 0,0000% - 
 

t-2-Butene 0,0293% 0,0000% - 
 

1-Butene 0,0716% 0,0000% (100,00%) 
 

iso-Butylene 0,1706% 0,0000% - 
 

cis-2-Butene 0,1782% 0,0000% - 
 

Neopentane 0,4313% 0,0000% - 
 

Isopentane 0,0008% 0,0000% - 
 

n-Pentane 0,2116% 0,0000% - 
 

Nitrogen 0,0000% 0,0000% - 
 

Hydrogen 0,0000% 0,0000% - 

 

In Table 5.67 the other operation variables and column specifications are reported. 
The duties required by the operation were estimated similar to the real data except for 
the main condenser. Here, the predictions are higher than calculations for the real data. 
The bottom temperature show again a considerable deviation in the mixture 
temperature. In the real process, bottoms include other heavy components as water, 
oil and others that accumulates in that section increasing the temperature. The model 

is not capable to take this under consideration. The reflux temperature also introduce 
deviation that can justified in a small portion by the environment temperature in 
December. The reflux leaves the reflux drum and is conducted to pumps that sent this 
to the top of the column. During this path a temperature drop is experienced by 
exchanging heat with the surrounding in the real plant decreasing the reflux 
temperature. For the rest of the variables considered the predictions includes error less 
than  5% meaning accurate results. 
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The model adjustment evaluation was made with the MAI used in the previous 
sections and are reported in (Table 5.68). These value indicates that a global average 
error is around 46%. 

The temperature profile along the column in included and compared with the real 
plant data. Both in top and bottom are observed deviations related with the 
assumptions made mentioned in the previous paragraph: absence of heavy 
compounds in bottoms and a minor heat exchange with the surroundings. 

 

Table 5.67. Real plant specifications and operation variables. 

Variable Units Observed Predicted Relative error [%] 

Condenser duty - W655A/B kW 235,02 577,48 (145,71%) 

Reboiler duty - W656 kW 514,20 481,23 (6,41%) 

Vent condenser duty - W659 kW 30,39 48,12 (58,33%) 

Top vapour temperature - 
K655A/B 

ºC 36,08 39,96 (10,78%) 

Bottom temperature - K655A/B ºC 64 42,06 (34,28%) 

Reflux temperature - K655A/B ºC 26,13 40,49 (54,93%) 

Reflux Ratio - K655A/B  - 147,89 - 

Relux Ratio - Mod - K655A/B  1,45 1,45 (0,00%) 

Propylene mass recovery – 
Product stream K655A/B 

%m/m 101,35 99,99 (1,33%) 

Propylene mass fraction – 
Bottom stream K655A/B 

%m/m 31,41 31,82 (1,30%) 

Vapour fraction – W655AB 
Outlet stream 

%m/m 1,82-2,31 - - 

Propylene mass flow – Vent 
gas stream K655A/B 

kg/h 0,00 15,28 - 

Reflux Ratio - K656 m/m - - - 

Reflux rate K656 – Tray 7 – 
K656 

kg/h 90,6 - - 

Tray 1 – Vapour rate – K656 kg/h 90,6 - - 

Tray 1 – Liquid rate – K656 kg/h 90,6 - - 

Bottom stream temperature – 
K656 

ºC 34 40,45 - 

 

Last, with the model calibrated it is possible to obtain the composition profile. Based 
on this and on the feed stream composition the optimal feed tray location can be 
stablished. As the feed stream composition changed compared wih the design, the 
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optimal tray or stage changed as well. Figure 5.31 show the composition profile and 
define the optimal feed tray location. For the feed stream composition from Table 5.47 
the location corresponds to the tray Nº78. 

 

Table 5.68. Model adjustment parameters. 

Parameter Value 

Model Adjustment Index (MAI) – Mean square relative error 0,4656 

Root mean square relative error 0,6823 

 

 

 

 
Figure 5.31. Composition profile and optimal feed stage location. Real plant feed 
stream. 
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5.5. Improvement & Optimization 

5.5.1. Reflux rate effect 

5.5.1.1. Theoretical 

Figure 5.32 introduce the results of a case of study performed using the base case 
model with feed stream B and PR as fluid package. The minimum reflux rate of 8.000 
kg/h is obtained using the minimum reflux ratio from the shortcut distillation results in 
Table 5.5 and the distilled mass flow rate. The dashed line in 97% is the minimum 
mass recovery imposed by the recovery section design. 

As can be seen in the plot, for higher reflux rate the propylene mass recovery 
increase while increasing the energy consumption. For higher values than 30.000kg/h 
no significant increase is observed in the distilled propylene mass recovery. For lower 
reflux rates than around 12.000kg/h the minimum 97% of propylene mass recovery is 

not accomplished. Therefore, the suggested operation window goes from reflux rates 
of 12.000 to 30.000kg/h. 

No significant changes are observed in the vent column condenser heat flow. The 
amount of propylene that escapes with the NCG and light hydrocarbons leaving the 
reflux drum is increased for higher reflux rates but it is not meaningful remaining 
approximately constant. 

 

 

Figure 5.32. Reflux rate effect in propylene mass recovery in distillate and utilities 
consumption.  

 

5.5.1.2. Empirical 

Focusing on the sources of propylene and propane introduced in the R300 reactor, 
Figure 5.33 define the amount of each of these components using a black box 
approach. PDH propylene composition comes from the data reported by the provider 
in September of 2022. Distilled and Carrier Gas streams propylene and propane 
content comes from the composition analysis. Comparing fresh propylene with the 
distilled concentration, the major amount of propane introduced in the reaction 
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atmosphere comes from the last. Therefore, improving the distillation performance has 
the higher impact in the reaction rate.   

 

 

The first phase test summary information is presented in Table 5.69 adding the 
types of product produced in the tested period. The main objective of this preliminary 
test was to evaluate the reboiler purge system response which was normal and then 
prove or disprove the  Figure 5.36 show the Aspen Process Explorer® trend module 
during the test including the time evolution of the selected variables and Table 5.70 
summarize the average values of the analysed variables. At first sight. no abrupt 
changes is observed in the variables trend meaning that no outer causes affect the 
system response and the results obtained can be assigned only to reflux ratio changes. 
The propane content decrease by increasing the reflux ratio. The bottom stream flow 
rate is practically constant for both cases. The bottom temperature increase and can 
be explained to a higher propane content in bottoms increasing the bubble point 
temperature of this stage. Something similar happens to the product stream, the 
temperature tends to the pure component boiling point (Table 5.70). 

The energy consumption increase for the case of the low pressure steam. Higher 
reflux ratio implies that for a fixed side product flow rate, a higher reflux rate is sent 
back to the column and at the bottoms a higher amount of liquid needs to be 
evaporated to become a vapour phase. Cooling water and propylene flow rate does 
not vary and remains in the same value. 

 

Table 5.69. 1st Phase test summary. 

Reflux ratio Start date End date Length [h] Product 

1,4 16/01/2023 22:00:00 18/01/2023 10:22:00 36,37 PL RP374R 

1,8 18/01/2023 11:50:00 19/01/2023 21:55:00 34,08 
PL RP378T 
PL RP375R 

 

Carrier Gas (To recovery section) 

𝑥𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸 = 94,5600%𝑚𝑜𝑙 

𝑥𝑃𝑅𝑂𝑃𝐴𝑁𝐸 = 5,0400%𝑚𝑜𝑙 

R 
E 
A 
C 
T 
I 
O 
N 
 

PDH Fresh Propylene 

𝑥𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸 = 99,7385%𝑚𝑜𝑙 

𝑥𝑃𝑅𝑂𝑃𝐴𝑁𝐸 = 0,2163%𝑚𝑜𝑙 

C3-Splitter Distilled Propylene 

𝑥𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸 = 96,0000%𝑚𝑜𝑙 

𝑥𝑃𝑅𝑂𝑃𝐴𝑁𝐸 = 3,9100%𝑚𝑜𝑙 

Figure 5.33. Propane and propylene reactor inlet and outlets. 
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Table 5.70. Reflux rate effect results. 1st Phase empirical test. 

Variable description 
Reflux ratio 

1,4 1,8 

R300 propane concentration [% v/v] 4,38 3,13 

Bottoms flow rate [kg/h] 44,93 44,97 

Bottoms temperature [ºC] 55,23 53,57 

Tray 95 temperature [ºC] 41,339 41,395 

Reboiler steam flow rate [kg/h] 624,59 860,40 

Cooling water flow rate [kg/h] 460,65 460,64 

Propylene flow rate [kg/h] 255,76 255,75 

W659 temperature [ºC] -17,74 -22,03 

K656 top temperature -38,64 -39,22 
   

TBP – Propane [ºC]     49,678   

TBP – Propylene [ºC]  41,401   

 

 

Carrier Gas  

𝑥𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸 = 94,5600%𝑚𝑜𝑙 

𝑥𝑃𝑅𝑂𝑃𝐴𝑁𝐸 = 5,0400%𝑚𝑜𝑙 
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𝑥𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸 = 99,7385%𝑚𝑜𝑙 

𝑥𝑃𝑅𝑂𝑃𝐴𝑁𝐸 = 0,2163%𝑚𝑜𝑙 

 

 
C3-Splitter Distilled 

Propylene 

𝑥𝑃𝑅𝑂𝑃𝑌𝐿𝐸𝑁𝐸 = 96,0000%𝑚𝑜𝑙 

𝑥𝑃𝑅𝑂𝑃𝐴𝑁𝐸 = 3,9100%𝑚𝑜𝑙 
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Figure 5.35. Streams compositions. Adapted from real plant process data and 
provider reports. 

(a) 

Figure 5.34. Analysed variables time evolution during the first test. (a) Reflux ratio of 
1.4. 
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The second phase test summary information is compiled in Table 5.71. A wider 
interval of reflux ratio values is analysed in this test and the maximum reached was 
higher than in the preliminary test. 

                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                
Table 5.71. 2nd Phase test summary. 

Reflux ratio R Start date End date Length [h] Product 

1,40 06/02/2023 8:00:00 07/02/2023 8:27:00 24,45 
RP248R 

1,60 07/02/2023 10:50:00 08/02/2023 10:18:00 23,47 

2,00 08/02/2023 14:20:00 09/02/2023 14:15:00 23,92 
RP248R 
RP348U 

2,40 09/02/2023 14:20:00 10/02/2023 8:30:00 18,17 
RP348U 

3,00 10/02/2023 8:32:00 13/02/2023 1:20:00 64,80 

 

During the course of this test in the distillation section another test in the reaction 
section was performed. The last, was to try a new type of catalyst called Metallocene®, 
part of the Lummus Novocene® Technology. To operates the Novolen® process 
installed with the new catalyst, some changes must be introduced in the equipment 
usual operation. This introduces external disturbances that affected the results 
observed in the reflux tests but should not be interpreted as a consequence of the 
latter. In the distillation section, one of the modifications introduced was to switch the 
distillate destination. In the usual operation the distillate goes to the B5214 propylene 

Figure 5.36. Analysed variables time evolution during the first test. (b) Reflux ratio of 
1,8. 

(b) 
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storage tank but for the new catalyser the distillate is sent directly to the R300 reactor. 
In Figure 5.37 can be identified when this perturbation is introduced. The distillate sent 
to the B5124 tank was sent to the reactor the 09/02/2023 at 18:39:09. This is 
represented in the figure with the vertical dashed line in red. Therefore, the analysis of 
the results obtained in the reflux rate test takes under consideration additional 
perturbations this may introduce and how this affects the analysed variables. Operating 
conditions to the left of the dashed line was defined as conditions A and the other as 
conditions B. It is not correct to analyse the effect produced mixing both conditions A 
and B, it was analysed separately. 

 

 

Figure 5.37. New catalyser test start time. 

 

Figure 5.38 introduces the propane mole fraction time evolution for the reflux ratio 
values analysed. It can be noticed that in the first portion of the plot the propylene 
decrease as the reflux ratio increase. Then, the modifications introduced to use 
Metallocene® modifying conditions from A to B produces a significant increase in the 
propane concentration. Finally, the propane concentration tends to decrease and 
stabilize in a new steady state for conditions B. For fixed operating conditions, 
increasing the reflux rate decrease the propane concentration in the reaction 
atmosphere inside the reactor. Despite the error reported in the chromatography 

analysers calibration (Table 4.3) the propylene trend is also introduced in Figure 5.38, 
but only for performance checking purposes. The values measured does not show the 
theoretical expected response. 

Other alternative to check the purity of the product stream is the distilled 
temperature. Based on the compositions reported in Table 5.38 the distilled can be 
easily considered as propane/propylene binary mixture. If the propylene purity increase 
the tray Nº95 temperature will be closer to the pure propylene TBP at the operating 
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pressure. Figure 5.39 introduce the tray 95 temperature time evolution compared with 
the propylene TBP. Considering the thermocouples accuracy, increasing the reflux 
ratio produce that the tray 95 temperature tends to the pure propylene TBP. This also 
prove the theoretical predictions made by the model. 

 

Figure 5.38. Propane and propylene mole fraction time evolution. 

 

 

Figure 5.39. Distillate product temperature time evolution. 

 

Figure 5.40 introduces the low pressure steam, cooling water and refrigerant 
propylene flow rates to estimate flow rate effect over the utilities consumption. Both 
cooling water and refrigerant propylene remain constant and seems to be unaffected 
by the reflux ratio. The steam consumption in the reboiler varies with the reflux ratio 
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increase. In the last twelve hours decrease but this is caused by a feed stream flow 
rate decrease that can be observed in Figure 5.41. The feed streams to the distillation 
section decreased, this produces a decrease in the reboiler and the reflux drum level. 
The control loop sense this and reduce the distillate flow rate (Figure 5.37) to maintain 
a fixed reflux ratio. Figure 5.41 also includes the bottom stream flow rate which seems 
to be invariable. 

 

Figure 5.40. Utilities consumption time evolution. 

 

 

Figure 5.41. Feed and bottom streams flow rate time evolution. 
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Table 5.72 summarize the average values of all the variables analysed in this 
section for the tested reflux ratios: 

✓ The propane mole fraction actually decrease. For the conditions A the 
concentration goes from 2,35 to 1,92%m/m and from 2,89 to 2:87%m/m for 
conditions B. Propane concentration maximum and minimum values present a 
similar trend except the minimums for conditions B. Propylene mole fraction is 
included but just to check the response reported by the instrument. The tray 
Nº95 temperature also tends to the pure propylene TBP (41.401ºC) proving the 
increasing purity in distillate stream for higher reflux ratios. 

✓ Increasing the reflux ratio also increase the utilities consumption. Cooling water 
and refrigerant propylene are almost constant, but the steam flow rate has a 
sustained increase for higher reflux ratios. The steam consumption goes from 

860,16kg/h for a reflux ratio of 1.40, to 1023.50 kg/h for 3.00. 

✓ The distilled decrease and can be noticed the switch from sending the distillate 
to B5214 storage tank to R300 reactor. The total flow rate decrease from 
conditions A to conditions B as a part of adapting Novolen® installations to use 
Matallocene® catalyser. 

✓ Bottom stream shows a minor increase indicating a slightly higher amount of 
propane leaving the column. 

✓ Feed streams flow rate are higher for conditions A (total: 41.33 kg/h) than for B 
(total: 25.92kg/h). This cause the decrease in the distillate flow rate. 
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5.5.2. Energy optimization 

The operation point defined in the basic engineering design is an optimal solution. 
Therefore, the optimizer methodology was preliminary tested with the design 
conditions to finally apply it to the real plant scenario. Based on the nature of the 
objective function and primary variables, the selected data model is Original (for further 
detailed information see Appendix A4. HYSYS® Optimizer). Figure 5.42 shows the 
values obtained with the solver for the primary variables. Table 5.73 summarize the 
calculations performed in the optimizer spreadsheet including flows, compositions, 
duties, prices, cost, and the objective function evaluation. Notice that in the problem 
statement the feed and bottom stream price were originally included but it was not 
possible to find a reasonable price to estimate this cost and add it to the utilities cost. 

Comparing results, for the basic engineering design, the suggested reflux ratio of 7 
for a distillate flow rate of 1751,8kg/h means a reflux rate of 12.262kg/h. The optimal 

solution found by the optimizer with all the assumptions made in the model is 14.000 
kg/h. Therefore, the methodology seems to produce reasonable results.  

 

 

Figure 5.42. Optimizer solution report. Notice the reflux rate low and high bound 
mentioned in Section 4.5.3. 
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Table 5.73.  HYSYS ® optimizer spreadsheet. Basic engineering design data. 

Q_W655A/B [kW] 1242   Cooling cost [€/kW*year] 146,57 

Q_W656 [kW] 1036   Heating cost [€/kW*year] 823,83 

Q_W659 [kW] 121   Refrigeration cost [€/kW*year] 1194,35 

Product flow rate [kg/h] 1751     

Product purity 0,9800   Propylene price [€*h/kg*year] 8480,00 

Bottom flow rate [kg/h] 128    
 

Propane purity 0,6240   Propane price [€*h/kg*year] - 

Carrier gas flow rate [kg/h] 1874   Feed price [€*h/kg*year] - 

    
  

PROFIT [€/year]     13.372.249,03  

 

For the real plant scenario, the results obtained from the optimizer datasheet is 
introduced in Table 5.74. Finally, Table 5.75 define the optimal solution converted into 
operating conditions and specifications. For the real plant inputs (feed flow rate, 
compositions, etc) the reflux rate found is higher than the one obtained for the design. 
As seen before, the recovery section is operating with a different feed stream 
composition, with a higher propylene concentration. Then, to obtain the minimum mass 
recovery imposed by the design, the column must operate at higher concentrations to 
obtain almost pure propylene. This distillation operation requires a higher reflux ratio 
implying higher energy requirements to condensate and evaporate the inner streams 
flows at top and bottom sections. The duties estimated for the optimum are higher 
compared to the obtained in Table 5.73.  

 

Table 5.74. HYSYS ® optimizer spreadsheet. Real plant data. 

Q_W655A/B [kW] 1730  Cooling cost [€/kW*year] 146,57 

Q_W656 [kW] 1442  Heating cost [€/kW*year] 823,83 

Q_W659 [kW] 161  Refrigeration cost [€/kW*year] 1194,35 

Product flow rate [kg/h] 3784    

Product purity 0,9728  Propylene price [€*h/kg*year] 8480,00 

Bottom flow rate [kg/h] 175   
 

Propane purity 0,5960  Propane price [€*h/kg*year] - 

Carrier gas flow rate [kg/h] 3824  Feed price [€*h/kg*year] - 

   
  

PROFIT [€/year]    29.577.392,28  
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Table 5.75. Optimum for operating the C3-Splitter. 

External and internal streams 

Product [kg/h] 3783 

Vent gas [kg/h] 11 

Bottom [kg/h] 167 

Reflux rate [kg/h] 17360 

Operation specification 

Reflux ratio 4,59 

Utilities flow rates 

Cooling water [m3/h] 249 

Steam [kg/h] 2462 

Refrigerant propylene [kg/h] 1354 

 

The reflux ratio suggested is 4.59. The utilities usual consumption for the last two 
years was obtained from the DCS records using the trend module in the Aspen Process 
Explorer® (Figure 5.43). The usual steam flow rate observed was from between 0 and 
2358kg/h with an average of 714 kg/h. In the reflux rate effect test Nº2 the reflux ratio 
was up to 3.0 (Section 4.5.2), consuming around 1300kg/h. Then, the requirement of 
2400kg/h for a reflux rate of 4,59 for a distillate of 3784kg/h seems feasible. The cooling 
water flowing continuously through the condenser is about 441m3/h, twice the amount 
required by the optimal operation. The propylene availability for refrigeration purposes 
can be estimated by two approaches. First, the refrigeration circuit is linked to the 
carrier gas compressor V390 and it maximum capacity of 3300kg/h provide a limitation. 
Second, the fluid availability in the usual operating conditions is imposed by the carrier 
gas flow rate that comes from the reactor. Focusing on the condensed feed stream 
flow rate (Table 5.51) the availability can be estimated in 2790kg/h. If a higher 
refrigerant propylene flow rate is needed it could be supplied by fresh propylene. Either 
way, at this point the refrigeration cycle can easily fulfil the requirements for the optimal 
operation. 

The objective function estimates a profit to compare scenarios. It is one simplified 
alternative to compare operating points based in similar assumptions. The estimated 
profit by this means do not consider other costs that should include but it is a simple 
and direct definition to asses and compare alternatives for operating the recovery 
section. It is important to keep this in mind for reading and quantify the absolute amount 
of the profit estimated. 
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Figure 5.43. C3-Splitter utilities consumption during 2021 and 2022. Aspen Process 
Explorer ® trend module. 
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6. CONCLUSIONS 

The proposed methodology provided a well-founded technical base to analyse the 
process, build a model and obtain results from the system behaviour compared with 
the PPII plant operating.  

The basic engineering design data demonstrate that the original polymerization 
process had differences from the actual version. The main difference lies in the feed 
stream composition. The process originally conceived include heavy hydrocarbons and 
some in amounts comparable with the propane content (n-butylene). Today feed 
stream composition consequence of the fresh polymer grade propylene coming from 
the provider has nonheavy hydrocarbons and traces of lighter components. The 
original composition required a specific column sizing to process it and provide 
operating conditions for the key components’ separation. For today’s feed stream the 

column seems to be oversized. In fact, some visits to the control room showed that 
column B temperature profile was flat meaning that all the mass transfer occur in 
column A. 

From the composition analysis results can be observed that the feed stream has a 
very good quality: 94,8%w/w of propylene. The concentration increase produced by 
the distillation process is not high considering that 100 trays are involved: the product 
leaves the column with a 96,1%w/w. Therefore, the column may not be working 
properly with an operation cost high for no significant improvement in the propylene 
purity. At first sight, this might suggest that, for the new feed conditions a proper 
evaluation if the distillation is needed under these conditions and as it was conceived 
with a 100-tray operation divided into two distillation columns or if it is oversized for the 
actual operation. 

The instrumentation installed was enough to characterise the real plant operating 
conditions. These provided an instant photo of the true distillation operation 
highlighting the deviation from the design. There are still improving opportunities as 
instal an ATEX chromatography instrumentation associated to the distillation section 
or to compute in real time utilities duty with a more accurate methodology. Even 
though, the data analysed by the DCS, and other instrumentation provide almost any 
information required of any time, as long as it relevant enough to be recorded in the 
DCS servers. 

Along the years, the optimal operation of a plant can be diluted with changes 
introduced gradually. For the current operating conditions, flow rates higher than the 
required by the distillation operation are noticed as a consequence of excessive utilities 
availability. However, besides this finding there is no flow rates adjustment or control 
loops linked to limit the use of it. Cooling water supply is one example of this. The 
cooling towers that provide PPII are sized for supplying a certain water flow with a 
specific temperature drop. Since these operates generating a cooling water surplus, it 
is used without analyzing the real requirements by the condenser’s operation. And 
even if the optimum is associated with a lower flow rate than the current, decreasing 
the flow rates will not have a major impact mainly due to the towers operates at the 
usual capacity. 
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Refrigerant propylene linked to carrier gas compressor operation go in a similar 
direction. Even if it is necessary to reduce the flow of this utility, the compressor 
operation will continue, and a consumption decrease will not represent meaningful 
savings in electrical energy. In addition to this, the compressor electricity consumption 
is not comparable with the consumption made by extrusion and the efforts invested 
into this equipment may not translate into considerable reductions. 

Steam flow measurement analyzed in the reflux rate effect tests shows a response 
that might indicate the valve is not working in the designed opening, or the controlled 
system is unable to control the flow for the current operation point. The response is 
similar to a typical critically damped system oscillating indefinitely unable to reach a 
new steady state. This is not observed for the higher flow rates. 

The current feed stream and distillation operating conditions and product obtained 
indicates the column global efficiency is around the 66%, a higher value than for the 

same variables defined in the design case characterized by around a 55%. 

The optimum obtained by the method in a preliminary analysis seems to be feasible. 
The utilities availability can provide the required flow rates and tested these new 
operating conditions to prove or disprove the improvement in the distillation 
performance theoretically predicted. 

Feed stream flow rate of about 3830kg/h with a 94,8%w/w of propylene coming from 
the reactor carrier gas product flow rate of 3783kg/h, a vent gas flow rate of 11kg/h 
and a bottom stream flow rate of 167kg/h, the reflux rate of 17360kg/h impose utilities 
flow requirements of: 249m3/h of cooling water, 2462kg/h of low pressure steam and 
1354kg/h of refrigerant propylene.  
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7. FURTHER PROPOSALS 

The project scope was completed but from these results other interesting actions 
appeared and are commented in this section. As a complement, future actions related 
to the topic are suggested to develop. 

✓ From this project, estimated operating conditions were obtained under certain 
assumptions made during the modelling and data acquisition. These new operating 
conditions modify the actual based on maximizing the distillate purity reducing the 
energy consumption on a cost-benefit basis. The theoretical approaches are always 
deviated from the real life due to the assumptions made, therefore it is strongly 
suggested to test (Reflux effect and energy consumption empirical test Nº3) these new 
operating conditions before implementing the changes permanently. First, it is 
important to analyse the individual effect over the recovery section equipment 

evaluating the response for new conditions and check the predicted benefits and 
results. Once the variables are individually tested it can be increased slowly as a group 
and check the overall response and results to get to the final steady state. It is 
preferably to conclude about the effect of the proposed modifications evaluating the 
distillate composition directly and for this it is needed a gas chromatography properly 
calibrated and working instrumentation. If this is not possible, the indirect indication 
can be performed by monitoring the gas phase propane concentration in the reactor or 
by checking the tray Nº95 temperature. 

✓ The distillate purity is an operation specification that provides a direct indication 
of the column performance. Any deviation from the best operating conditions can be 
identified by checking the distillate and bottom composition. It is suggested, for 
improving the column operation to install chromatography analyser for a continuous 
evaluation of the column operation on time. 

✓ During the execution of this project, it was found that the column temperature 
profiles was not regularly checked, and the column performance was not the best. For 
this, it is suggested to regularly check the column temperature profile, especially when 
other types of polymers are manufactured, and these might introduce changes in the 
distillation feed (carrier gas) conditions. 

✓ Utilities flow rates is an indirect indication about the instant energy consumption, 
but it is not easily to establish in a specific moment the duty associated to the flow 
rates. Thus, including the duty associated with every to report it in DCS is very helpful. 
Other option could be include board with the help of data analysis software 
implemented by the company such as Trend Miner®. 

✓ The utilities that exchange latent heat can be estimated more accurately if the 
fluid heating or cooling fluid outlet conditions are established at the moment. Reboiler 
outlet stream can be estimated by the outlet temperature measurement. This will allow 
to establish if the outlet stream is a mixed vapour and liquid phase or a saturated or 
subcooled liquid phase. 

✓ The optimization approach is based on prices. Even in countries or regions 
stabilized economically, the prices can be modified with the time. Causes for this can 
be internals and controllable by the organization or externals and beyond of control.  
To include this potential variation on the optimum obtained, a price sensitivity analysis 
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is suggested. As the optimizer did not provides data about the shadow price associated 
with the optimal solution the sensitivity analysis has to be made by other methods that 
due to time limitations was excluded of the project. 

✓ In a similar direction, a technical sensitivity analysis based on the carrier gas 
flow rate and composition is also recommended. This allows to evaluate the effect over 
optimal operating conditions by upstream perturbations or modifications. Most of the 
time, changes introduced in upstream or downstream operating conditions generates 
perturbations several times along a year and sometimes are not considered in daily 
operation.  

✓ The model calibrated with the real plant data allowed to plot the concentration 
profile showing that due to the feed stream concentration estimated the feed tray 
should be Nº78. It would be interesting to analyse in a regular basis the carrier gas 
concentration in a year time or other meaningful period. This will stablish if it remains 

stable and the feed piping can be modified or change and how much does this change. 
Other relevant information could be, if it is possible, to correlate the type of product 
polymerized with the carrier gas concentration. Based on all this information the feed 
could be introduced in the stage with the most similar properties. Notice that, once 
again, a working and properly calibrated gas chromatography instrumentation will be 
very helpful to study and improve the distillation performance. 

✓ The original scope of this project was to adapt the distillation operation to include 
an Advanced Distilled Technology such as the mentioned at the end of the introduction. 
A preliminary analysis of the available space in the PPII plant indicated that, besides 
the technical feasibility, there was no available space to install all the additional 
equipment required. PPIII C3-splitter is conceived with vapour recompression, and this 
was proposed for PPII but no additional space is found to do so with the modifications 
it implies. To overpass this issue, the literature consulted (Ž. Olujić et alI, 2006) 
compared vapour recompression (VRC) with heat integrated distillation columns for 
propylene-propane splitter finding that a reduction in the column height is obtained. A 
hybrid column, containing in total 20 more trays is 20 m shorter than the VRC (Ž. Olujić 
et alI, 2006). This can be observed in Figure 7.1. 

Therefore, it’s a good alternative to consider for the future. Finally, a techno-
economic evaluation was performed, and the results obtained shows that these type 
of technology could become an economically attractive option for new designs but first 
there are still some challenges related with the increased design complexity. 

✓ In some very particular situations, such as an interruption in the supply of steam, 
the carrier gas that comes out of the W392 heat exchanger is sent directly to the 
reactor. It is true that according to the production supervisors these events lasted short 
time to evaluate a longer impact produced by absence of distillation i.e., propane 
extraction or purge. Propane accumulation in the reactor atmosphere decrease the 
reactor productivity as was concluded in previous tests in the plant. However, it could 
be interesting to investigate more about this alternative and the benefits and harms 
produced during the operation in this mode. In case of technical feasibility could also 
be interesting to quantify the productivity decrease and energy savings obtained by 
bypassing the C3-splitter for longer periods. 
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Figure 7.1. Column dimensions of (a) VRC, (b) ideal HIDiC, and (c) a multidiameter 
HIDiC. Source: Ž. Olujić et alI, 2006. 
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9. APPENDIX  

A1. Basic engineering design data source 
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Figure 9.2. Basic Engineering Report 
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Figure 9.3. Equipment’s Data Sheets 
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A2. Composition analysis 

 

 

Figure 9.4. Stream samples extracted for 
composition determination. 

 

 

Figure 9.5. Sample extraction installation. 
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Figure 9.6. Sample extraction point Nº3. 

 

 

Figure 9.7. . Sample extraction point Nº4. 
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A3. Real plant process data 

 

Figure 9.8. DCS instant operating conditions during the sample extraction for 
composition analysis. Carrier gas compression. 

 

 

Figure 9.9. DCS instant operating conditions during the sample extraction for 
composition analysis. Carrier gas compression. Propylene destilation I. 
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Figure 9.10 DCS instant operating conditions during the sample extraction for 
composition analysis. Carrier gas compression. Propylene destilation II. 

 

 

Figure 9.11 DCS instant operating conditions during the sample extraction for 
composition analysis. Carrier gas compression. Reactor R300. 
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A4. HYSYS® Optimizer 

A4.1. Fundamentals 

HYSYS contains a multi-variable steady state Optimizer. Once the flowsheet is built 
and a converged solution has been obtained, the Optimizer can find the operating 
conditions for minimize (or maximize) a defined Objective Function. The Optimizer is 
available for steady state calculations only. The operation does not run in Dynamic 
mode. 

The Optimizer possesses a dedicated Spreadsheet to develop the Objective 
function and any Constraint functions that defines the distillation section operating 
window. The flexibility of this approach allows you, for example, to construct Objective 

Functions which maximize profit, minimize utilities or minimize Exchanger UA. This 
Spreadsheet is identical to the HYSYS Spreadsheet operation; process variables can 
be attached by dragging and dropping, or using the Variable Navigator 

A4.2. Primary variables 

These are the variables imported from the flowsheet whose values are manipulated 
in order to minimize (or maximize) the objective function. Upper and lower bounds are 
set for all of the primary variables, which are used to define the search range, as well 
as for normalization. 

A4.3. Objective function 

The function which is to be minimized or maximized. There is a great deal of 
flexibility in describing the Objective Function; primary variables can be imported and 
functions defined within the Optimizer Spreadsheet, which possesses the full 
capabilities of the main flowsheet spreadsheet. 

A4.4. Constraint functions 

Inequality and Equality Constraint functions can be defined in the Optimizer 
Spreadsheet. 

Constrained minimization with inequality constraints can be performed using BOX, 
Mixed, and Sequential Quadratic Programming (SQP) methods.  

Problem containing also equality constraints in the statement can be performed with 
the Original and Hyprotech SQP. 

For the case of unconstrained optimization problems, the Fletcher-Reeves and 
Quasi-Newton methods are available. 

A4.5. Data models 

Seven data models are available to select, in which the parameters can be set, such 
as the Optimization Scheme used, the Maximum Number of Iterations, and the 
Tolerance. 

1. Original 
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2. Hyprotech SQP 

3. Selection Optimization 

4. DMO 

5. LSSQP 

6. BOBYQA 

The Original Optimizer manipulates the values of a set of primary variables in order 
to minimize (or maximize) a user-defined objective function, constructed from any 
number of process variables. 

min f (x1, x2, x3, ,,,, xn) 

where:                     

x1, x2, x3, ,,, xn = process variables 

In general, the primary variables should not be part of the Objective Function. 

Each primary variable, x0, can be manipulated within a specified range: 

 

where: 

xi = a process variable used to define the Objective Function 

= a primary variable which is manipulated by the Optimizer 

yi = a variable used to define the Constraint Function 

The general equality and inequality constraints are: 

 

Constraints are optional and are not supported by all of the Optimization Schemes 
available in this data model. The BOX, Mixed, and SQP Methods allow for Inequality 
Constraints. Only the SQP Method incorporates Equality Constraints.) 
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The Hyprotech SQP is a rigorous sequential quadratic programming (SQP) 
optimization solver. This model can be used to determine the minimum or maximum 
value of a function of n variables constrained by m inequality and/or equality 
constraints. You can also impose upper and lower bounds on variables. 

The results produced at the end of the optimization run are as follows: 

• Values of the Optimizer constraints, variables, and objective function. 

• Shadow prices for active constraints. 

• A termination reason. 

• Iterations and CPU time taken. 

Selection Optimization consists of algorithms that solve Mixed Integer Non-Linear 
Programming (MINLP) problems, in which the objective function is minimized by 
adjusting both real-valued and binary-valued decision variables. 

The algorithms attempt to select a combination of discrete states that a) satisfy the 
constraints, and b) minimize the objective function. There are two MINLP methods 
available: Stochastic (also known as the simulated annealing method), and Branch and 
Bound. These methods use Non-Linear Programming (NLP) optimizers to solve sub-
problems. 

The DMO solver implements a variant of the successive quadratic programming 
(SQP) algorithm to solve small or large-scale optimization problems. It performs the 
optimization by solving a sequence of quadratic programming sub-problems. 

A5. Utilities 

To operate the C3-Splitter three utilities are required:  

1) Heating in the reboiler provided by low pressure steam 

2) Cooling in the main distillation column condenser using cooling water 

3) Refrigeration in the vent column condenser provided by propylene refrigerant.  

Low pressure steam is available at 5 bar pressure and its provided by BASF Utilities 
Division. The cooling water comes from dedicated refrigeration towers for PP2 plant 
and the propylene for refrigeration purposes is taken from the recycle stream that is 
sent back to the reactor.  

For the case of cooling water and refrigeration propylene, the cost was estimated in 
terms of the electricity cost. 

A5.1. Refrigeration propylene 

The unit cost of electricity considered is obtained from the company reports in 2022 
(Equation (9.3.1) 

The specific power SPC is defined as the electrical power required per unit of flow 
rate provided by the compressor. From the data sheets the total power and flow 

𝐶𝑈𝐸𝐿 = 267
€

𝑀𝑊ℎ
 (9.3.1) 
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By design, the propylene inside the condenser is expanded from about 18 bar to 1,5 
bar decreasing the temperature down to the saturation temperature of -39,1ºC (source: 
NIST). This is verified in the real process, the downstream pressure in the refrigeration 
propylene outlet stream is 1,5 bar and the temperature measured is -39,1ºC. 
Therefore, the mass flow rate of propylene is obtained from the duty required (QCII) 
and the latent heat at the operating conditions (λRP). 

 

Finally, the cost of the refrigeration in the vent column was estimated with the help 
of the equation 9.3.4 assuming an annual operating time of the plant of 8000 hours. 

A5.2. Cooling water 

Same unit cost of electricity is considered. The specific power required by the 
refrigeration towers SPRT is defined in the Equation 9.3.5. In this case, the towers are 
composed by three centrifuges pumps and four fans. 

𝑞𝑀𝐴𝑋 = 1000 
𝑚3

ℎ
𝑃𝑀𝐴𝑋 = 3𝑃𝑃𝑈𝑀𝑃𝑆 + 4𝑃𝐹𝑎𝑛𝑠 = 3(132𝑘𝑊) + 4(20𝑘𝑤) = 476 𝑘𝑊

 }  𝑆𝑃𝑅𝑇 =
476

1000

𝑘𝑊

𝑚3
ℎ⁄

 

In the condenser de cooling water exchange sensible heat. The flow rate needed is 
calculated considering the duty (QCI) required and the enthalpy changes in the water 
stream (equation 9.3.6). By design, inlet cooling water  (Celsius or Kelvin). 

𝐺𝑀𝐴𝑋 = 3300 
𝑘𝑔

ℎ
𝑃𝑀𝐴𝑋 = 220 𝑘𝑊

 }  𝑆𝑃𝐶 =
220

3300

𝑘𝑊

𝑘𝑔
ℎ
⁄

 (9.3.2) 

𝐺𝑅𝑃 [
𝑘𝑔
ℎ
⁄ ] =

3600 𝑄𝐶𝐼𝐼[𝑘𝑊]

𝜆𝑅𝑃(𝑝=1,5𝑏𝑎𝑟) [
𝑘𝐽
𝑘𝑔⁄ ]

𝜆𝑅𝑃(𝑝=1,5𝑏𝑎𝑟) [
𝑘𝐽
𝑘𝑔⁄ ] = 𝐻𝑃𝑅

𝑣 − 𝐻𝑃𝑅
𝑙

𝐻𝑃𝑅
𝑣 = 572,79 [

𝑘𝐽
𝑘𝑔⁄ ]

𝐻𝑃𝑅
𝑙 = 187,59 [

𝑘𝐽
𝑘𝑔⁄ ] }

 
 
 
 

 
 
 
 

⟹ 𝐺𝑅𝑃 [
𝑘𝑔
ℎ
⁄ ] =

3600 

429,22 [
𝑘𝐽
𝑘𝑔⁄ ]

𝑄𝐶𝐼𝐼[𝑘𝑊]  (9.3.3) 

𝐶𝑅𝑃 [
€

𝑦𝑒𝑎𝑟
] = 𝐶𝑈𝐸𝐿 [

€

𝑘𝑊ℎ
] 𝑆𝑃𝐶 [

𝑘𝑊

𝑘𝑔
ℎ
⁄
] 𝐺𝑅𝑃 [

𝑘𝑔
ℎ
⁄ ] 𝑡𝐴𝑂𝑃  (9.3.4) 

 (9.3.5) 
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Finally, the cost of the cooling in the main condenser was estimated with the help of 
the Equation 9.3.7. 

 

A5.3. Low pressure steam 

The cost of the steam was estimated considering the flow rate of steam to provide 
the duty required by the model (QR). The unit cost of the steam along 2022 was also 
extracted from the annual costs reports of that period.  

Once more, according to the reboiler design, steam condensation provide the heat 
to vaporize the bottoms of the column. Therefore, the required flow rate of steam was 
estimated with the duty reported by the model and steam latent heat. 

Three values of pressure considered in the data sheet of the reboiler without being 
possible to know which one is the one considered in the final design: 1,8, 2,8 and 5 
bar. For each one of these, latent heat will be slightly different (Tabla X). Using a 
conservative approach, the highest cost will be obtained considering the higher 
pressure to estimate steam requirements. Then, the selected pressure was 5 bar.  

Table 9.1. Steam latent heat as a function of the pressure. 

P [bar] λST [kJ/kg] 

1,8 2210,70 

2,8 2170,26 

5,0 2108,01 

 

𝑞𝐶𝑊 [
𝑚3

ℎ⁄ ] =
3600 𝑄𝐶𝐼[𝑘𝑊]

(𝜌𝑐𝑃Δ𝑇)𝐶𝑊 [
𝑘𝐽
𝑚3
⁄ ]

 

𝜌 = 995,21 [
𝑘𝑔
𝑚3
⁄ ]

𝑐𝑃 = 4,18 [
𝑘𝐽
𝑘𝑔𝐾⁄ ]

Δ𝑇 = (35 − 29)𝐾 = 6𝐾 }
 
 
 

 
 
 

⟹ 𝑞𝐶𝑊 [
𝑚3

ℎ⁄ ] =
3600 

24973 [
𝑘𝐽
𝑚3
⁄ ]

𝑄𝐶𝐼[𝑘𝑊]  (9.3.6) 

𝐶𝐶𝑊 = 𝐶𝑈𝐸𝐿 [
€

𝑘𝑊ℎ
] 𝑆𝑃𝑅𝑇 [

𝑘𝑊

𝑘𝑔
ℎ
⁄
] 𝑞𝐶𝑊 [

𝑚3
ℎ⁄ ] 𝑡𝐴𝑂𝑃  (9.3.7) 

𝐶𝑈𝑆𝑇 = 60,30
€

𝑡𝑜𝑛
 (9.3.8) 
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Final expression to estimate the cost of the steam is introduced in equation 9.3.10. 

 

𝐺𝑆𝑇 [
𝑘𝑔
ℎ
⁄ ] =

3600 𝑄𝑅[𝑘𝑊]

𝜆𝑆𝑇(𝑝=5𝑏𝑎𝑟) [
𝑘𝐽
𝑘𝑔⁄ ]

𝜆𝑆𝑇(5𝑏𝑎𝑟) [
𝑘𝐽
𝑘𝑔⁄ ] = 𝐻𝑆𝑇

𝑣 − 𝐻𝑆𝑇
𝑙

𝐻𝑆𝑇
𝑣 = 2748,1 [

𝑘𝐽
𝑘𝑔⁄ ]

𝐻𝑆𝑇
𝑙 = 640,09 [

𝑘𝐽
𝑘𝑔⁄ ] }

 
 
 
 

 
 
 
 

⟹ 𝐺𝑅𝑃 [
𝑘𝑔
ℎ
⁄ ] =

3600 

2018,01 [
𝑘𝐽
𝑘𝑔⁄ ]

𝑄𝑅[𝑘𝑊]  (9.3.9) 

𝐶𝑆𝑇 [
€

𝑦𝑒𝑎𝑟
] = 𝐶𝑈𝑆𝑇 [

€

𝑘𝑊ℎ
]𝐺𝑆𝑇 [

𝑘𝑔
ℎ
⁄ ] 𝑡𝐴𝑂𝑃  (9.3.10) 


